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ABSTRACT

Acid and metal catalysis are considerably important in the chemical industry
especially, for the production of transportation fuels. Since a serious concern on the
world environment has infringed on the restriction of aromatics contained in gasoline, the
demand for clean high-octane branched alkanes for gasoline upgrading has significantly
increased. This process involves acid catalyzed n-butane isomerization in which n-butane
is converted to isobutane, a primary feedstock for the production of high-octane species.
In addition, due to the unpredictable price and the limited resource of petroleum fuel
derived crude oil, the attention has shifted to synthetic liquid fuels derived from other
abundant energy sources such as coal and biomass. This process requires a metal
catalyzed Fischer-Tropsch synthesis (FTS) to upgrade low-value coal and biomass to
high value liquid fuels. However, the cost of its production is not as competitive as those
obtained from oil refineries. Therefore, a highly active and durable FTS catalyst is
needed.
Understanding the behavior and form of active catalytic reaction sites for
hydrocarbon reaction (n-butane isomerization) and synthesis (FTS) on their respective
solid acid and metal catalysts will allow us to a design of better catalysts. Sulfated
zirconia (SZ) and bulk Fe catalysts have been chosen to catalyze n-butane isomerization
and FTS, respectively. The present research has gained in-depth details of the constitution
of the active sites of SZ at 100oC and the reaction mechanism operating for n-butane
isomerization which is able to explain all apparent contradictory results reported in the
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literature by using olefin as a molecular probe. A highly active and stable bulk Fe FTS
catalyst containing Cu and SiO2 has been also developed upon the promotion of various
transition metals such as Cr, Mn, Mo, Ta, V and Zr. Cr-, Mn- and Zr-promoted Fe FTS
exhibited considerable activity for both CO hydrogenation and water-gas-shift (WGS)
reaction at 280oC allowing them to catalyze FTS under low H2/CO ratio syngas derived
from biomass or coal. In this present work, steady-state isotopic transient kinetic analysis
(SSITKA) has also been utilized to investigate the surface kinetic information about
reaction on the catalysts under real reaction conditions in order to obtain how promoters
influence the reactivity of catalysts at the site level.
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CHAPTER ONE
INTRODUCTION

Gasoline and diesel fuel are primarily used to power the world’s transportation
system. Gasoline produced in oil refinery has to be blent with high-octane species in
order to meet the required specifications for modern engines. Currently, the highly
environmental concern has imposed on the limitations of the amount of aromatics
contained in gasoline. Thus, synthesis of environmentally friendly high-octane branchedchain paraffinic hydrocarbons is gaining more attention for this fuel quality enhancement.
Isobutane is a primary feedstock for alkylation process to produce clean additives for
motor gasoline. However, the demand of isobutane is generally greater than the supply.
Therefore, n-butane isomerization plays a critical role in this production.
Sulfated zirconia (SZ) has driven increased interest and exhibits a potential for
replacing commercial chlorinated Pt/Al2O3 catalysts due to its high activity for alkane
isomerization at even room temperature with high selectivity [1-4]. Neither conclusion
about the nature of active sites nor the reaction mechanism on this catalyst has been
drawn, although it has been widely studied by numerous researchers. It has been
suggested that butene promotes activity by forming “olefin-modified sites” [5]. The
question was to be asked as to whether other olefins would also affect the activity of SZ.
The objective of this study was to focus on developing a better understanding of
the nature of the active sites and the reaction mechanism of n-butane isomerization on SZ
by adding different types of olefin into reaction. Changes in formation rate of isobutane,
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induction period of reaction, and selectivities to isobutane and various products were
investigated (Chapter 4). The reaction mechanism was proposed based on the use of
nonspecific olefin addition as a molecular probe (Chapter 5) and the reaction kinetic
parameters for SZ at site level were determined using steady-state isotopic transient
kinetic analysis (SSITKA) (Chapter 6).
Diesel also plays a critical role in the world current energy. Unfortunately, the
current price of crude oil is getting high and its resource is limited so alternative fuel has
been considered. Coal is the other world current energy sources of which U.S. have
sufficient domestic reserves to supply most of the U.S. fuel needs using Fischer-Tropsch
synthesis (FTS) [6]. Use of biomass as raw materials for FTS is also attractive because of
CO2 recycle. FTS provides an excellent means to upgrade low-value coal and biomass to
high values liquid fuels which are environmentally friendly with no sulfur contamination
[7]. Despite recent encouraging commercial activity in the conversion of natural gasbased syngas to liquid fuels via FTS, coal/biomass-based FTS still is not competitive.
Therefore, a development of a practical and durable FTS catalyst is desired.
Fe-based catalysts have potential to convert low H2/CO ratio syngas derived from
coal or biomass to fuels via FTS due to their high water-gas-shift (WGS) activity and
their low cost compared to Co-based catalysts. Unlike other FT catalysts, Fe is
considered the most complicated due to extensive Fe phase changes during reaction.
However, several research groups have suggested that Fe carbides, not metallic Fe, play a
critical role in the activity of Fe-based catalyst for FTS [8-10]. Much work has focused
on the alloying or non-alloying properties of the components in the metal state of Fe

-2-

bimetallic catalysts. Single Fe carbides have been extensively characterized while Fe
mixed-metal carbides are less well understood.
Developing a better Fe-based FTS catalyst having high FT activity, low methane
selectivity, and long-term stability by adding different transition metals known to form
metal carbides was the objective of this study and is present the second part of this
dissertation (Chapters 7, 8, and 9). Fe-based catalysts having formulations of (100x)Fe/xMe/5Cu/17SiO2/yK, where Me was Cr, Mn, Mo, Ta, V, W or Zr, and x and y were
20 or smaller, were prepared by co-precipitation technique. The catalyst activity was
studied on CO hydrogenation and the water-gas-shift (WGS) reaction at 280oC. Various
characterization techniques such as XRD, BET surface area, SEM, EDX, H2-TPR, and
CO-chemisorption were employed. The issue of the nature of active Fe sites as
determined by SSITKA was also addressed.
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CHAPTER TWO
BACKGROUND

N-BUTANE ISOMERIZATION ON SULFATED ZIRCONIA (SZ)
n-Butane Isomerization
An increase in environmental concerns has led to the imposition of aromatics and
lead additives contained in gasoline; thus, the demand of other environmentally highoctane branched-chain alkane is largely increasing. Isobutane is a primary feedstock for
alkylation processes in which isobutane are alkylated with C3-C5 olefins. Alkylate
containing mainly isopentane and isooctane is an ideal blending component due to its
exceptional antiknock properties and high-octane value [1]. Isobutane is also used as a
refrigerant in refrigerators and freezers because of environmental concerns with ozone
layer depletion by Freon gases [2]. Although isobutane is naturally produced from
petroleum refining (natural gas and crude oil), the demand of isobutane generally exceeds
the supply while the supply of n-butane is greater than its demand. Therefore, the
isomerization of n-butane to isobutane is one of the important routes to achieve this.
Currently, there are approximately 400 butane isomerization units in operation worldwide
[1].
Chlorinated Pt/Al2O3 is currently used in commercial processes due to the ability
to catalyze n-butane to isobutane at low temperature less than 125oC [1]. However, with
the need of continuous addition of chlorine, this process is not environmentally friendly
due to toxicity, corrosion and difficulty of separation and handling. Therefore, other
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heterogeneous acid catalysts that do not require the continuous addition of an undesirable
chemical and are capable of carrying this reaction at low temperature due to
thermodynamic favor have been sought.
Modified zirconias have been shown to be strong solid acid catalysts and one of
the most active ones is sulfated zirconia (SZ). n-Butane isomerization has been widely
studied on SZ due to its high catalytic activity and selectivity at low temperatures [3-5].
However, rapid deactivation of SZ by coke deposition [6-8] has been a major barrier for
commercial use. Nevertheless, SZ still generates great interest and motivates a number of
researchers to study and explore the genesis of the SZ active sites as well as the reaction
mechanism of n-butane isomerization over this catalyst in order to develop a betterdesigned catalyst.
The isomerization activity of n-butane was found to increase with time-on-stream
(TOS) to the maximum followed by a catalyst deactivation, which is known as “induction
period”. The length of the induction period depends upon pretreatment condition [9, 10],
impurities of feed steam [11], reaction temperatures [12] and sulfur contents on SZ [10].
This induction period has been hypothesized to be due to the formation and accumulation
of olefinic intermediates on the surface prior to isomerization [11]. Such olefinic species
have been suggested to be formed on the active sites by hydride abstraction of n-butane
with the aid of Lewis/Bronsted acid sites [13, 14] or a redox reaction (oxidative
dehydrogenation) [15, 16].
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Active Sites on Sulfated Zirconia (SZ)
SZ is usually prepared by calcining Zr(OH)4 treated with H2SO4 in air at 600700oC and was first shown to be able to catalyze the isomerization of n-butane at room
temperature by Arata and his co-workers [17]. Although SZ has been found to have a
similar acidity as zeolites such as HZSM-5, SZ is more active for light n-alkane
isomerization than HZSM-5 [4]. It has been reported that the catalytic properties of SZ
depend upon sulfating agent, catalyst composition, calcination temperatures and in-situ
activation temperatures [9, 18, 19]. The active meta-stable tetragonal phase of ZrO2 was
found to be stabilized by the presence of SO42-group [20].
Two different types of acid sites are present on the oxide surface of catalyst,
Bronsted and Lewis acid sites. Bronsted acid sites consist of proton-donating OH group
while Lewis acid sites are created by coordinatively unsaturated surface (cus) Zr4+cation
as shown in Figure 2.1 [21]. The amount of Bronsted and Lewis acid sites strongly
depends upon the degree of H2O and sulfur present. The ratio of Bronsted-to-Lewis acid
sites increases with increasing sulfur [22] and H2O content (i.e., Bronsted acid sites
dominated at low in situ pretreatment temperatures) [9, 18]. As can be seen in Figure 2.1,
under pretreatment, H2O was removed and thus, Bronsted acid sites are converted to
Lewis acid ones.
The activity of SZ has been shown to relate to its acidity; however, it is still
unclear whether Bronsted or Lewis acid sites catalyze this reaction. Many research
groups have suggested that Lewis acid sites are essentially important for this reaction
since low catalyst activity was observed when SZ has less Lewis acid sites [9, 18].
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However, some studies have reported that n-butane isomerization could not take place
without Bronsted acid sites [9, 13, 23] which has led to the suggestion that a close
proximity of Lewis to Bronsted acid sites is necessary for the constitution of the active
sites [9, 21, 24].

Figure 2.1 Structure of active site on SZ proposed by Clearfield et al. [21].
{Reprinted from Journal of Catalysis, 20, Clearfield, A., Serrette, G. P. D., Khazisyed, A.
H., Nature of Hydrous Zirconia and Sulfated Hydrous Zirconia, 295-312, 1994, with
permission from Elesvier}[see Appendix A]
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Reaction Mechanism
Although converting n-butane to isobutane is a simple exothermic reaction, there
is much controversy of the reaction mechanism operating on SZ, whether monomolecular
or bimolecular pathways. A monomolecular pathway, as shown in Figure 2.2, involves a
protonated cyclopropane intermediate with an activation energy of 8.4 kcal/mol which
transforms to a thermodynamically unfavorable primary carbocation with an activation
energy of 20.6 kcal/mol [25] prior to the formation of an isobutyl carbocation.
Subsequently, the isobutyl ion undergoes hydride-transfer with n-butane and desorbs
from the catalyst surface as isobutane [26].
The formation of primary carbenium ion-like species, however, does not fit the
low activation energy of this reaction (i.e., the apparent activation energy based on the
initial activity was in the range of 8-10 kcal/mol [27, 28]). Therefore, a bimolecular
pathway has been strongly suggested to be a primary reaction mechanism for n-butane
isomerization on SZ [12, 18, 29, 30]. In this bimolecular mechanism, the formation of
butene is required to undergo oligomerization with n-butane (reactant) to C8+ cations.
Isomerization and β-scission of C8+ carbocation lead to isobutane and disproportionation
products as shown in Figure 2.3. An improved catalyst activity when butene is present in
the feed stream as impurities or is added into the reaction considerably supports a
bimolecular mechanism [9, 11, 12, 29-31].
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The positive impact of butene addition, however, is offset by an increase in
deactivation rate due to increased coke/oligomer formation.

In addition to rate

enhancement by butene, substantial isotopic scrambling for the reaction of 1,4-13C nbutane with the isobutane product containing an isotopic distribution from zero to four
13

C atoms [30, 32], can not be explained solely by a monomolecular route. However,

Matsuhashi et al. [14] reported an observed switch of reaction mechanism from a
monomolecular to bimolecular one with TOS while Li et al. [33] suggested that a
monomolecular pathway dominated at very low conversion then the reaction pathway
change to a bimolecular route with increasing conversion.
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FE-BASED FISCHER-TROPSCH SYNTHESIS CATALYSIS
Fischer-Tropsch Synthesis
Fischer-Tropsch synthesis (FTS) is a well-known reaction and has been used
commercially for over 80 years. This reaction involves the hydrogenation of CO to
mainly hydrocarbons, alcohols and other oxygenated compounds [34]. Gasification
followed by FTS is currently the most practical means to convert low-value coal, natural
gas, and biomass to high-value ultra-clean liquid fuels.
Natural gas-based FT process is an established technology and becomes more
practical comparing to coal or biomass-based FTS. However, one quarter of the world’s
coal reserves is found in the U.S., which is sufficient to supply most of the U.S. fuel
needs for more than 100 years using this technology [35]. Use of biomass as raw
materials for FTS is of great interest due to CO2 recycle. However, in order to make the
cost of its production competitive with those obtained from oil refineries, a highly active
and durable FTS catalyst is needed.
The main reaction equations in FTS are given as followed.

H2O

(2.1)

CnH2n+2+

nH2O

(2.2)

2nH2

CnH2n +

nH2O

(2.3)

H2O

CO2

+

H2

(2.4)

C

+

CO2

(2.5)

Methanation:

CO

+

3 H2

Paraffin formation:

nCO

+ (2n+1)H2

Olefin formation:

nCO

+

Water-gas shift (WGS):

CO

+

CO decomposition (Boudouard Reaction): 2 CO
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CH4

+

Equations 2.2 and 2.3 are the main desirable reaction in FTS but typically,
methanation (Equation 2.1) is predominant due to its more thermodynamic favor (highly
exothermic reaction) than other heavier hydrocarbons. This thermodynamic limitation
makes FTS not as simple as other reactions of which the reaction rate can be increased by
easily increasing reaction temperatures. Boudouard reaction shown in Equation 2.5 can
give rise to the catalyst deactivation due to carbon deposition on the surface of catalyst
while the WGS reaction (Equation 2.4) is unwanted for the natural gas-based FTS due to
CO consumption but it is necessary for coal- or biomass-based FTS in order to provide
additional H2 for the reaction. Fe-based catalysts are shown to be capable of catalyzing
coal- or biomass-based FTS due to their high WGS activity [34, 36].
The distribution of the hydrocarbon products is varied, depending upon the type
of catalyst, promoter, type of reactor and the reaction conditions (i.e., temperatures,
pressures and H2/CO ratios) [37]. However, the distribution is generally described by a
polymerization kinetics model (i.e., chain growth by the addition of one carbon atom)
ascribed to Anderson-Schulz and Flory (ASF) [34]. A mathematical equation
representing ASF product distribution is shown in Equation 2.6 where Wn is the weight
fraction of product with n carbon atoms and α is the chain growth probability. Product
selectivities are determined by the ability of catalyst to activate chain propagation versus
chain termination. The higher the α is, the larger the hydrocarbon products are.

Wn/n

=

(1-α)2 α n-1
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(2.6)

The reaction mechanism has been suggested to involve the dissociation of CO and
H2 to form adsorbed methyl species on the surface of catalyst and is shown in Figure 2.4
[34, 36]. Chain growth is initiated by the insertion of surface methylene (CH2) species to
create adsorbed alkyl groups [e.g, ethyl (4) or propyl (5)] or to be terminated as CH4 (B).
This alkyl chains can undergo β-hydrogen abstraction to form linear olefins [e.g.,
ethylene (C)] and H2 addition to form n-paraffins [e.g., ethane (D)] [38]. It has been
reported that olefins can readsorb on the surface catalyst and initiate the formation of
longer chain hydrocarbons [39].

Fischer-Tropsch Catalysts
Metals such as Fe, Co, Ni, and Ru are recognized as effective heterogeneous
catalysts for FTS. Currently, only Fe and Co catalysts are utilized in industrial practice.
Ni catalysts are not suitable for FTS since it produces primary CH4 and Ni carbonyl
compounds, Ni(CO)4, formed at elevated pressure are very toxic [36]. Although Ru
exhibits high activity for high molecular weight hydrocarbons at low temperatures [40],
Ru is not suitable for a commercial use due to its high price as a result of the limited
resources.
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Figure 2.4 The schematic of reaction mechanism for chain growth and hydrocarbon
formation during FTS.
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Co-based catalysts are commercially used due to high selectivity towards long
linear hydrocarbons, high FT activity with low WGS activity; thus, Co is preferred for
syngas derived from natural gas [40]. Co-based catalysts are generally more active than
bulk Fe catalysts. Therefore, Fe-based catalysts require higher reaction temperatures
(250-280oC) compared to Co-based catalysts (220oC or less) in order to obtain reasonable
activity for commercial use. However, Fe-based catalysts are preferred over Co catalysts
for the conversion of low H2/CO ratio syngas derived from coal and biomass due to their
high WGS activity [34].

Fe-Based Catalysts
Commercial-grade Fe catalysts are usually prepared either by fusion or
precipitation [41]. For fused Fe catalysts, magnetite (Fe3O4) is molten with alkali
promoter (for activity and selectivity enhancement). The molten magnetite is then cooled
down to form a solid and is crushed into powder. Fused Fe catalysts are the most suitable
catalysts for high temperature FTS (HTFT) typically used in fluidized bed reactors.
However, fluidized bed reactor is not ideal for the formation of longer chain
hydrocarbons. FT reaction has to be operated at lower reaction temperatures. Therefore,
higher catalyst surface areas are required to compensate a decrease in reaction rates at
lower temperatures in stead. Precipitated Fe catalysts are prepared for this purpose due to
their high surface areas. In general, precipitated Fe catalysts are prepared by dissolving
Fe metal into an aqueous acidic solution (e.g., HNO3) and then, precipitated by the
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addition of a basic solution (e.g., NH3OH). The precipitate is then washed, filtered, and
dried [41].

Phase Changes and Active Phases of Fe FTS Catalysts
The ability of metal oxides to be reduced decreases in the order of Ru, Ni, Co and
Fe [36]. Generally, metallic state is an active phase for most common FT catalysts such
as Ni, Co and Ru [34]. However, this could not apply to Fe catalysts since Fe phases can
dramatically change during reaction. The quantities and type of Fe phases formed depend
upon the compositions of catalyst (i.e., promoter or support), pretreatment conditions,
reaction time, and reaction conditions [42]. H2 reduction leads the Fe catalysts to the
zero-valent state, while primary Fe carbides are formed when Fe catalysts are pretreated
in CO or syngas (H2 + CO) [43]. Although metallic Fe is formed under H2-pretreatment,
it is rapidly converted to Fe carbides with some Fe3O4 depending upon the operating
condition during FTS [36].
The active phase of Fe FTS catalysts is considered the most complicated ones
among other FTS catalysts. Role of each Fe phase during the reaction has never been
fully delineated. However, several research groups have suggested based on evidence that
Fe carbides, not metallic Fe, plays a critical role in the activity of Fe-based catalysts for
FTS [43-46]. Although Fe carbides are considerably more resistant to oxidation than Fe
metal, they can be re-oxidized to Fe3O4 under a H2O/H2 atmosphere. The quantities of Fe
carbides considerably depend upon pretreatment and reaction conditions and type of
catalyst (promoter, supported or unsupported catalyst). K2O promotion has been shown
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to increase carbide formation, which also results in a high rate of carbon deposition [36,
47]. It has been reported that the activity of Fe catalyst for hydrocarbon production
increased once Fe3O4 or α-Fe converts to Fe carbides (FexCy) [47]. The transformation of
metallic Fe to Fe carbides once the catalysts are exposed to syngas has been proposed to
be the cause of an increase in the catalyst activity during the initial stage of reaction
before deactivation and so called “the induction period of reaction” [46].

Impact of Promoters
A commercial Fe catalyst for FTS typically contains Cu, K (chemical promoters)
and SiO2 (structural promoter). Bulk Fe catalysts are usually used in order to obtain high
activity. Cu is present in Fe-based catalysts to facilitate reduction rate of Fe2O3 to Fe3O4
or α-Fe [34]. K promotes the activity of catalyst for olefin production, longer chain
hydrocarbons and the WGS reaction by strengthening the Fe-C bond but weakening the
Fe-H bond. This results in less H2 adsorption and consequently, less CH4 and paraffin
produced [34, 36, 48-50].

However, high level of K promotion appears to have a

negative impact on the catalyst activity; thus, an optimum concentration of K is to be
sought [34, 36, 48-50]. SiO2 among other structural promoters such as Al2O3, ZnO and
MgO is shown to be the best binding agent able to increase the surface area of Fe,
stability against sintering and attrition resistance, which is needed for FTS in a slurry
phase reactor [45, 51].
Promotion of Fe catalysts with other transition metals besides Cu has also been
reported in literature. Small amount of Mn (Mn < 15%) enhances light olefin (C2-C4)
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formation and the catalyst stability compared to unpromoted Fe catalysts [52, 53]. It has
been reported that Mn formed solid solution in Fe2O3 [Fe1-xMnx)2O3] after calcination and
migrated to the catalyst surface during reduction [54, 55]. Li et al. [56] showed that the
addition of Mn suppressed the growth of Fe2O3 crystallites and retarded the reduction of
Fe oxides. The surface basicity and thus, carburization rate of Fe has been shown to be
increased by a moderate amount of added Mn [56, 57].
Mo-promoted Fe supported on activated carbon catalysts showed considerably
stable FTS activity while the catalysts were less reduced compared to unpromoted ones
[58]. An increase in the chain growth probability and catalyst activity was reported when
Cr was added to a precipitated Fe catalyst [59]. Cr-promoted Fe catalysts have been
shown to exhibit high water-gas shift (WGS) activity and have been used for commercial
Fe-based WGS catalysts [60]. Lee et al. [61] reported that the presence of Cr, Mn or Mo
in Fe catalysts lowered the reducibility of Fe while adding Zr at 1 atomic% to an ultrafine
Fe oxide catalyst did not increase the activity of Fe catalyst [62].
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STEADY STATE ISOTOPIC TRANSIENT
KINETIC ANALYSIS (SSITKA)
Understanding the catalytic phenomena on the catalyst surface can establish a
better design and improvement in heterogeneous catalyst technology. Various techniques
have been used to characterize catalyst properties, but unfortunately, most of them are
capable of measuring physicochemical properties that are far from the reaction
conditions. Attempting to relate the relationship between the number of active sites and
their reactivity from extrapolating of such results creates potentially significant error.
Steady state isotopic transient kinetic analysis (SSITKA) is a powerful techniques that
can provide in situ surface kinetic information of site heterogeneity, activity distribution,
the intrinsic site activity and the concentration of reaction intermediates leading to the
product [63, 64]. Initially, SSITKA was first developed by Happel, Bennett and Biloen
but it is recently reviewed and extensively used to study heterogeneous catalytic kinetic
reactions by Goodwin and his co-workers [64-66].
SSITKA technique is conducted by performing a switch between an unlabeled
reactant (R) with an inert to an isotopically labeled reactant (R*) without disturbing the
other reaction conditions (i.e., identical flow rate and pressure). A small trace of inert
such as Ar is introduced in one of the reactant feed stream in order to measure the gasphase holdup of the system. A response of the isotope switch is detected by a mass
spectrometer (MS). A typical reaction system for SSITKA study is shown in Figure 2.5.
However, for the reaction involving large hydrocarbon molecules such as n-butane,
isobutane etc. that could make product analysis directly by MS difficult due to the
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fragmentation and possibly overlapping among isotopically labeled molecules, another
reactor such as hydrogenolysis is connected between GC and MS in order to convert
effluent components after GC separation to smaller molecules (i.e., CH4). Subsequently,
the converted components are fed to the MS for isotopic analysis (see Appendix B).
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Back Pressure
Regulator
Pressure transducer

Isotope R + Inert

Isotope R*
Pressure
Transducer

Switching
Valve

Reactor

Vent

Sampling valve

GC
Vent

Vent
Vacuum Pump

MS

Figure 2.5 A typical reaction system for SSITKA study.
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At a given time of reaction, an unlabeled reactant species in the feed stream (R) is
switched to another feed stream containing an isotopic labeling reactant species (R*), all
of the unlabelled reactant and product is eventually replaced by the labeled one with time.
A typical transient response of a decay of unlabeled product (P) to an increase in labeled
product (P*) is shown in Figure 2.6. In an ideal reactor, a perfect step change is obtained
after a switch. However, in a differential-bed plug flow reactor (PFR), a delay in a
transient response is observed and is corrected by a step decay of an inert tracer (I)
typically Ar contained in the unlabeled reactant species.
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Figure. 2.6 A typical isotopic transient
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The most important surface reaction kinetic parameters obtained from SSITKA
are the average surface-residence time (τp) and the concentration of active surface
intermediates (Np). τp is obtained by integration the area between the normalized isotopic
transient of a product (Fp) to that of an inert tracer (FI) as shown in Equation 2.7. The
concentration of active surface intermediates (Np) can be simply calculated from
Equation 2.8 where Ratep is formation rate of product determined during reaction.

∞

τ p = ∫ [ F p (t ) − F I (t )]dt

(2.7)

N P = τ P * RateP

(2.8)

0

TOFITK =

1

τ

=

RateP
NP

(2.9)

The turnover frequency (TOFITK), a powerful parameter representing the number
of product produced per catalytic site per unit time, is also obtained from Equation 2.9.
Traditionally, TOFchem based on H2 or CO chemisorption is used to compare the activity
of various catalysts. However, not every surface metal atom able to chemisorb H2 or CO
is a potential reaction site under the reaction conditions. Therefore, TOFchem can be
underestimated due to an overestimation of number of surface metal atom based on H2 or
CO chemisorption. On the other hand, TOFITK is a better indication of true site activity
since the number of active surface intermediates determined using SSITKA are actually
present and participate in reaction.
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CHAPTER THREE
RESEARCH OBJECTIVE

n-Butane Isomerization on Sulfated Zirconia (SZ)
Butene has been suggested as an intermediate in the proposed bimolecular
mechanism for n-butane isomerization and shown to capable of enhancing overall
catalytic activity for SZ. However, the question can be asked as to whether other olefins
would affect this reaction as well, although only butene plays a role in the hypothesized
bimolecular mechanism. The addition of different types of olefin to n-butane
isomerization may permit a better understanding of the nature of active sites developed
during the induction period. In order to answer these questions, the research objectives
were to
1. Investigate the impact of nonspecific olefin (ethylene, propylene, 1-butene, 1pentene, and isobutene) addition on the catalyst activity and selectivity for n-butane
isomerization.
2. Elucidate the mechanistic pathway of n-butane isomerization on SZ with the
implication of nonspecific olefin promotion.
3. Investigate the surface kinetic parameters under reaction conditions on SZ with
the presence of various olefin additions using SSITKA technique.
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Fe-Based Fischer-Tropsch Synthesis Catalysis
A great number of research groups have suggested that Fe carbides, not metallic
Fe, play a critical role in the activity of Fe-based catalysts for FTS. Several studies on Fe
bimetallic catalysts have tended to focus more on the alloying or non-alloying properties
of the components in the metal state. If Fe carbide or at least the carburized Fe surface
contributes to the formation of active sites, the interactions in the metallic state when
another metal is added into a Fe-based catalyst may be less important. Therefore, it seems
that the ability of the Fe catalyst to maintain a carburized surface could be the key to
increase and maintain its long-term activity. The addition of another transition metal to
bulk Fe catalysts could result in improved catalyst activity if it were to help maintain or
gave rise to the formation of more active carbide species. Thus, the objectives of this
research were to
1. Synthesize, characterize and investigate the activities of bulk Fe catalysts for
CO hydrogenation and the water-gas shift (WGS) reaction with
1.1. The addition of various transition metals such as Cr, Mn, Mo, Ta, V, W
and Zr.
1.2. The addition of the best three metals at various %loadings.
1.3. The addition of K2O at various %loadings.
2. Investigate the impact of transition metal and/or K promotion on the surface
kinetic parameters using SSITKA technique.
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CHAPTER FOUR
N-BUTANE ISOMERIZATION ON SULFATED ZIRCONIA: THE EFFECT OF
NONSPECIFIC OLEFIN ADDITION
[As published in Journal of Catalysis 234 (2005), 199-205]

Butene has been suggested as an intermediate in the proposed bimolecular
mechanism for n-butane isomerization over sulfated zirconia. The presence of small
amounts of butene at the start or during reaction has been found to significantly increase
the rate of reaction. However, the question can be asked as to whether other olefins
would affect this reaction as well, although only butene plays a role in the hypothesized
bimolecular mechanism. In this study, the effects of propylene, 1-butene and 1-pentene
addition on the reaction induction period and selectivity were studied at 100 and 150oC
and compared. An enhancement of the catalyst activity was found for all olefins when
added continuously or even during only the first 2 min of reaction at both reaction
temperatures. With varying added olefin concentration, an optimum catalyst activity was
seen due to a counter balance of activity and deactivation effect. The activity of catalyst
increased and the induction period was shortened with increased olefin concentration.
Indeed, adding any of the three olefins for only 2 min caused a long-term positive impact
on the reaction rate and the isobutane selectivity, reinforcing our earlier proposed concept
of “olefin-modified sites”. It is suggested that C8+ intermediates, part of the hypothesized
bimolecular reaction pathway, are not the only oligomers leading to the selective product.
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The reaction appears to also be able to proceed via the formation of C7+ and C9+
oligomers as well.

INTRODUCTION
Because of restrictions for environmental reasons on the concentration of
aromatics in gasoline, focus has shifted to increasing the concentration of other highoctane species, such as branched alkanes. Linear alkane isomerization is, thus, one of the
important reactions to achieve this. Typically, Pt/chlorinated-alumina is used to carry out
these reactions commercially [1], but its use causes corrosion problems due to the need
for continuous chlorine addition. New catalysts have been sought that do not require
chlorine addition, including solid acid catalysts. Zeolites were initially studied but they
require high temperatures for reasonable activity [2, 3].
To date, modified zirconias have drawn much attention because of their high
acidities. Sulfated zirconia (SZ) has been widely studied for n-butane isomerization due
to its high catalytic activity and selectivity at low temperatures [4-6]. However, rapid
deactivation of SZ by coke deposition [7-9] and by reduction or loss of sulfur [10] has
been a major barrier for commercial use. Nevertheless, SZ still generates great interest.
A focus has been on developing a better understanding of the nature of the active sites of
SZ and the reaction mechanism, thereby permitting the design of an even better catalyst.
There are two hypothesized mechanisms for n-butane isomerization, which are
still a subject of discussion: monomolecular vs. bimolecular pathways. Garin et al.[11]
and Chao et al.[3] suggested that the reaction is carried out via a monomolecular pathway
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in the presence of hydrogen on SZ with and without Pt promotion at 250o and 300oC,
respectively. On the other hand, most evidence in the literature, including isotopic
tracing experiments, supports the idea that n-butane isomerization proceeds via a
bimolecular pathway, both at low and high temperatures [7, 12-15]. A bimolecular
mechanism involves the formation of C8+ cations by dimerization of two C4 species (a
secondary carbocation and butene). Following rearrangement and β-scission of C8+
intermediates, isobutane and disproportionation byproducts are formed. In addition, this
bimolecular pathway is strongly supported by the effect of butene on the reaction rate.
For instance, having butene as an impurity in the feed stream appears to increase the
initial rate of isobutane formation and the deactivation of the catalyst [16-21].

Many

studies on the effect of introducing butene to the reaction at various temperatures have
shown that butene indeed promotes catalyst activity [16, 17, 19, 20]. The positive impact
of butene addition, however, is offset by an increase in deactivation rate as a result of
increased coke/oligomer formation.
However, is butene the only olefin capable of enhancing the overall catalytic
activity of SZ? What is the effect on catalyst activity and selectivity if propylene or 1pentene is added to the reaction? In order to answer these questions, the effect of
propylene and 1-pentene addition on the activity of SZ has been investigated in this work
and compared to the effect of 1-butene addition. The addition of three different types of
olefin to n-butane isomerization may permit a better understanding of the nature of active
sites developed during the induction period.
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EXPERIMENTAL
Catalyst Preparation and Characterization
The sulfate-doped zirconium hydroxide [Zr(OH)4] precursor, obtained from MEI.
(X20 1249/01, Flemington, NJ), was calcined at 600oC under static air for 2 h. It was then
cooled down to room temperature over a 4 h period. The sulfur content of the calcined SZ
was measured by Galbraith Laboratories, Inc. (Knoxville, TN). The BET surface area of
the SZ catalyst was determined by N2 adsorption using a Micromeritics ASAP2010
(Norcross, GA). The crystallinity of the calcined catalyst was determined using a Philips
X’Pert X-ray diffractometer with monochromatized Cu Kα radiation and a Ni filter,
operated at 40 kV and 30 mA.

n-Butane Isomerization
The reaction was carried out in a differential quartz micro-reactor with an inner
diameter of 8 mm. The maximum reaction conversion was less than 10% in order to
minimize temperature and concentration gradients. A thermocouple was placed in the
reactor touching the catalyst bed. The calcined SZ catalyst (0.2 g) was carefully placed
on a porous frit inside the reactor to obtain a uniform catalyst bed and then covered with
quartz wool. The catalyst was pretreated in situ at 315oC for 4 h (the temperature was
ramped at 2oC/min and held constant at 100oC for 1 h before heating to 315oC) under 30
cc/min of dry, hydrocarbon-free air (National Specialty Gases, Zero Grade) prior to
reaction. The catalyst was cooled to the reaction temperature of 100o or 150oC under air
and flushed with 30 cc/min of He (National Specialty Gases, UHP) for 30 min before the
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reactant stream was introduced. The reaction pressure was kept constant at 1.5 atm in
order to connect this work to the future study with the use of SSITKA.
A reactant stream containing 5% n-butane + 1% Ar in a balance of He (Hollox,
UHP) was diluted by a stream of pure He to obtain a partial pressure of n-butane equal to
0.037 atm. The total flow rate was kept constant at 60 cc/min (STP). The small
concentration of olefin impurities present in the n-butane stream was removed using an
H-mordenite trap held at room temperature. No olefins were detectable by GC after the
trap. The alkane impurities contained in the n-butane feed to the reactor were 70 ppm
isobutane, 12 ppm isopentane and 2 ppm n-pentane. In the case where olefin (1%
propylene/He, Liquid Technology; 1% 1-butene/He, National Specialty Gases; or 1% 1pentene/He, Matheson Tri-Gas) was added, the flow of pure He was adjusted to keep a
constant flow rate of n-butane. The gas space velocity was 24,000 h-1. The reactant inlet
line prior to the reactor was heated with heating tapes to 100oC in order to minimize the
adsorption of added olefin on the stainless steel.
The effluent samples were analyzed using a Varian 3700 GC equipped with a 12ft 15% Squalane CP-AW-DMCS/Chromosorb 80/100-mesh column with a flame
ionization detector. The GC oven was held at 35oC for 14 min and then was ramped to
70oC at 10oC/min. By-products were identified using a known standard gas mixture. The
reaction was started by replacing a He purge stream with the reactant stream which took
ca. 15 s to reach the catalyst bed and an additional 20 s for the product and reactant
effluent to reach the sampling valve. To follow reaction progress during the induction
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period, 16 samples were collected with TOS using a 34-port VICI auto-sampling valve.
All experiments were reproducible within a maximum error in rate of ± 5%.

RESULTS
Catalyst Characterization
The sulfur content and the BET surface area of the calcined SZ were determined
to be 1.7 wt% and 137 m2/g, respectively. XRD analysis showed that ZrO2 was in the
tetragonal phase (see Appendix C). No other crystalline phases were detected.

The Effect of Olefin Addition on Activity
A previous study [22] in our lab has found that there are no heat and mass transfer
limitations for n-butane isomerization on SZ between 130 and 170oC in the reaction
conditions used here. Therefore, the reaction kinetic rates at 100o and 150oC are certainly
not limited by those effects either. To observe the impact of olefin concentration on the
induction period more precisely, experiments were conducted primarily at the relatively
low reaction temperature of 100oC in order to lengthen the induction period and lessen
catalyst deactivation. Most results at 100oC are shown only for the first 40 min TOS in
order to emphasize what occurs during the induction period, although the reaction was
studied for 100 min TOS. Little additional information was ascertained from the results
for 40-100 min. The first reaction data point was taken with a fully established flow of
the reactant stream.
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The effect of the continuous addition of different types of olefin (propylene, 1butene and 1-pentene) with varying O/P ratio on the formation rate of isobutane at 100oC
is shown in Figure 4.1. It was found that not only 1-butene but also propylene and 1pentene were able to enhance the activity of catalyst. The formation rate of isobutane
increased and the induction period was speeded up with increasing olefin concentration.
Due to a combination of activity and deactivation effects, the optimum maximum catalyst
activity was observed at a molar ratio of 0.009 for propylene and 1-pentene addition,
while with 1-butene addition, the optimum ratio was found at 0.012. Increasing the
olefin concentration beyond this value only accelerated catalyst deactivation and lowered
isobutane selectivity. As expected, the use of olefins, which are good coke precursors,
also gave rise to a greater catalyst deactivation with TOS with increased concentration
added. Figure 4.1 also shows that at very low concentrations, propylene accelerated the
reaction rate the most followed by 1-pentene and 1-butene in that order. However, the
effects of these three olefins on reaction rates at the optimum concentrations were
essentially similar, resulting in similar absolute maxima in rate of isobutane formation
(ca. 0.16 µmol/gcat/s) [Figure 4.2 (a)]. Only small differences in catalyst deactivation
were observed for the different olefin additions.
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Figure 4.1 Isobutane formation rate at 100oC in the absence and for continuous addition
of (a) propylene, (b) 1-butene, and (c) 1-pentene
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Figure 4.2 Isobutane formation rate at 100oC when propylene, 1-butene or 1-pentene was
added at the optimum O/P ratio (a) continuously and (b) during only the initial 2 min of
reaction
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In order to obtain a better understanding of the effect of olefin addition on the
induction period, propylene, 1-butene and 1-pentene were introduced to the feed stream
at 100oC only for the first 2 min of reaction at the optimum O/P ratio found in the
previous experiments. The result is shown in Figure 4.2 (b). It was found that higher
activities (ca. 0.13 µmol/gcat/s) and shorter induction periods (ca. 10 min) were still
obtained compared to the case when no olefin was added, even though the olefin flows
were terminated after only 2 min TOS. Adding olefin for 2 min initially enhanced the
catalyst activity similarly for every olefin studied here.
A comparison of deactivation of the catalyst as a result of olefin addition was
obtained by calculation of the deactivation rate constants (kd) as shown in Table 4.1.
Unsurprisingly, kd increased as the concentration of olefin continuously added to the
reaction increased. It was also found that kd increased in the order of 1-C5= < 1-C4= < C3=.
The deactivation constants for 2 min olefin additions were slightly higher as expected
than in the absence of olefin addition due to the higher maximum rates. However, they
were all identical for the various olefins.
The effect of these three olefins on the induction period was also studied at 150oC
in order to insure that the impact of olefins on the catalytic activity is not temperature
dependent. At 150oC, propylene, 1-butene and 1-pentene were fed continuously and for 2
min initially to the reaction and the results are shown in Figures 4.3 (a) and (b),
respectively.

Due to a more rapid catalyst deactivation at higher temperatures, the

catalyst was only exposed to added olefins at the O/P ratio of 0.003. Similarly to the
reaction at 100oC for both continuous and initial 2 min additions, the catalytic activity for
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SZ was also speeded up by the addition of olefins, regardless of the olefin type used
(Figure 4.3). The addition of olefin for the first 2 min of reaction caused a long-term
positive effect on catalyst activity for SZ lasting longer than 250 min TOS. This resulted
in better catalyst activity than without olefin addition. Likewise, continuous propylene
addition resulted in a somewhat higher deactivation rate constant (0.03 min-1) than that
for 1-butene and 1-pentene addition (0.026 and 0.022 min-1, respectively).

Table 4.1 Deactivation rate constants [kd a (min-1)] for n-butane isomerization during the
absence or addition of various olefins at 100oC.
Olefin/Paraffin ratio
2 min
addition @
optimum
ratio b

0

0.003

0.006

0.009

0.012

0.015

None

-

0.010

-

-

-

-

-

Propylene

0.013

-

0.027

0.032

0.045

0.051

-

1-Butene

0.013

-

0.018

0.037

0.041

0.044

0.052

1-Pentene

0.013

-

0.020

0.028

0.032

0.040

-

Olefin

Continuous addition

a

The deactivation rate constant (kd), defined by riso(t) = roexp(-kdt) after the induction
period, where riso(t) is the rate of n-butane isomerization and ro is the maximum rate after
the induction period. Max error = ± 0.0007 min-1.
b
Optimum ratio for propylene and 1-pentene was 0.009 while 0.012 for 1-butene
addition
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Figure 4.3 Isobutane formation rate at 150oC when propylene, 1-butene or 1-pentene was
added at the O/P ratio = 0.003 (a) continuously and (b) during only the initial 2 min of
reaction
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TOS Behavior of Selectivity
The variations in isobutane selectivity at 100oC for the optimum ratios of the
olefins added both continuously and during the initial 2 min of reaction are shown in
Figure 4.4. No significant change with TOS was observed in isobutane selectivity (100
to 98%) when no olefin was added. Interestingly, when the olefin was introduced during
the first 2 min of reaction, the selectivity of isobutane increased after the flow of olefin
was terminated and remained stable at ca. 98%, regardless of the olefin added. On the
contrary, the isobutane selectivities for the continuous addition of all olefins decreased
with TOS and were dependant upon the type of olefin added. The decrease was greater
in the order 1-pentene (85-28%) > 1-butene (93-39%) > propylene (93-78%) for 100 min
TOS. Propane and isopentane were the main by-products in the absence of added olefins
or when olefins were added during the initial 2 min of reaction.

DISCUSSION
The study presented here supports a hypothesized bimolecular mechanism in
which butene plays a major role in this reaction, either being a part of or assisting in the
production of reaction intermediates. However, the results also show that not only butene
but also propylene and 1-pentene can induce similar effects on catalyst activity during
either continuous or initial 2 min additions at both 100o and 150oC.
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Figure 4.4 The isobutane selectivity at 100oC when propylene, 1-butene or 1-pentene
was added during the first 2 min and continuously at the optimum O/P ratio

Lercher and his co-workers [23] have suggested that isobutane is formed by the
skeletal isomerization of sec- to tert-C4+ intermediates where the sec-butyl ion is
produced by a protonation of butene. This suggests that a monomolecular pathway is
predominant. However, if hydride transfer plays a significant role in producing isobutane
without oligomerization, we should observe a large amount of alkane coming out with the
same number of carbons as the added olefin. However, as Figure 4.5 shows, the ratio of
C3 produced to C3= added was less than 1/3 at an O/P ratio = 0.003. This ratio decreased
with increasing added propylene concentration. Moreover, an increased rate of isobutane
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formation and relatively high isobutane selectivity with approximately the same value as
in the absence of added olefin were observed for all TOS in the experiments of propylene
addition during the first 2 min of reaction. This suggests that propylene must have
participated in the formation of isobutane via oligomerizing with n-butane.
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Figure 4.5 The ratio of propane formed to propylene added continuously at various O/P
ratios.
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The size of the oligomer chains prior to β-cleavage appeared to be critical in this
reaction. The cracking of longer oligomeric chains tends to produce a wider variety of
by-products and, thus, less selectivity for isobutane. Comparing at the same n-butane
conversion, continuous propylene addition resulted in the highest isobutane selectivity
followed by 1-butene and 1-pentene in the order. Therefore, the results suggest that C8+
intermediate species, part of the originally hypothesized reaction pathway, are not the
only oligomeric species yielding isobutane; rather the reaction must be able to proceed
via the formation of C7+ (C3= + n-C4) and C9+ (C5= + n-C4) oligomers as well. The
formation of long oligomeric chains has also been discussed by Dumesic and co-workers
[24]. They found that the oligomerization of C3-C5 olefins with butyl ions is possible for
isobutane isomerization reaction on USY zeolite.
Hammache and Goodwin [16] proposed, based in part on the long term
enhancement of rate by the addition of 1-butene during only the first 2 min of reaction,
that butene participates in the reaction via adsorption on surface sites to form “olefinmodified sites”. Our present results suggest that not only just 1-butene but also propylene
and 1-pentene can give rise to such “olefin-modified active sites”. This implies that
organic (hydrocarbon)-inorganic (sulfated zirconia) sites are required to carry out the
reaction, probably regardless of whether the organic part contains larger or smaller
numbers of carbon atoms.
The larger impact that propylene addition compared to that of 1-butene and 1pentene addition had on catalyst activity at lower concentrations seems to correlate well
with the ratio of unsaturated-to-saturated carbon-carbon bonds (the higher the ratio, the

- 46 -

faster the reaction), i.e., the smaller the olefin, the greater its ability to form coke.
However, this property also appears to significantly accelerate coke formation as well,
resulting in faster catalyst deactivation (Table 4.1). The reaction with 1-pentene addition
showed the lowest kd. These observations are in agreement with these of Praserthdam et
al. [25] that short chain alkenes are more active for coke formation than long chain
alkenes.
The larger positive impact of olefin addition seen at 150oC than at 100oC may
have been due to a higher capability of surface sites at higher temperatures to utilize the
olefin fed. However, the increases in the formation rate of isobutane seen at both 100o
and 150oC during the induction periods was not just due to the conversion of added olefin
to isobutane. For example, at 100oC and for a ratio of 0.003, the flow rate of added 1butene was just 0.015 µmol/gcat/s but the rate of isobutane formation at 5 min TOS was
0.04 µmol/gcat/s greater than in the absence of added olefin. This improvement was
even greater at 150oC (ca. 0.2 µmol/gcat/s enhancement in rate compared to 0.015
µmol/gcat/s olefin added).
Calculation of the ratio of excess isobutane formed-to-olefin added is possible for
the experiments using olefin addition during only the first 2 min of reaction. This ratio
represents how many additional isobutane molecules were produced per added olefin
molecule since an increase in the formation rate of isobutane was still observed even
though the flow of olefin was stopped. This ratio was calculated by integrating the area
between the reaction rate with and without added olefin for the entire reaction period
[Figures 4.2 (b) and 4.3 (b)]. The excess amount of isobutane produced was determined
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from time = 0 to 100 and 250 min at 100o and 150oC, respectively. At 100oC, it was
found to be 102 µmol/gcat when 1-butene was added at 0.06 µmol/gcat/s during the first
2 min. Therefore, the ratio was 14, which is consistent with the value of 10 reported by
Tabora and Davis [17] for the addition of trans-2-butene to n-butane isomerization on SZ
at 50°C. This ratio as a result of propylene and 1-pentene addition was also calculated
and found to be 14 and 13, respectively. In addition, the ratios were found to be 685, 692
and 690 for propylene, 1-butene and 1-pentene addition, respectively, at 150oC. This
suggests ca. 692 turnovers of the olefin-modified sites which is also in agreement with
the value of 700 found by Hammache and Goodwin [16] for 1-butene addition at the
same conditions.

This ratio suggests an irreversible adsorption of olefin on SZ to

produce long lasting active sites for n-butane isomerization. It has also been suggested
by Li et al. [26] that a generated butene gives rise to multiple cycles of n-butane
isomerization on SZ at 100oC.
Coelho et al. [19] and Hammache and Goodwin [16] have concluded that the
formation and accumulation of intermediates on the catalyst surface cause the existence
of the induction period. They have suggested that during this period not only are olefinic
species formed, but also the active sites are activated. Our results support this idea that
the induction period is not just the time it takes to generate enough olefin to activate all
the active sites. For instance, when the concentration of added butene was varied from
75 to 375 ppm (equivalent to 1-C4=/ n-C4 ratios of 0.003 to 0.015), which represents a
much higher amount of butene than can be formed via dehydrogenation of n-butane at
these reaction conditions, the reaction still proceeded through an induction period of at
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least 5 min. If producing butene from n-butane is normally (i.e., in the absence of olefin
addition) the slowest step, then no induction period should be observed when such
significant quantities of butene are added to the reaction.

CONCLUSIONS
The activity of SZ during n-butane isomerization was able to be enhanced by the
addition of not only 1-butene but also propylene and 1-pentene at both 100o and 150oC.
The continuous addition of these three olefins enhanced in a similar manner the
formation rate of isobutane as well as deactivation of the catalyst. The selectivity of
isobutane with olefin addition decreased with TOS, olefin concentration and depended
upon the type of olefin added.

The induction period decreased and the maximum

reaction rate increased as the concentration of olefin added was increased.
However, the promoting effect of nonspecific olefin addition was much more
appreciable when olefin was added for only the first 2 min of reaction. This resulted in
better catalyst activity with less negative effects on catalyst deactivation and isobutane
selectivity. The addition of olefin for only the first 2 min of reaction allows us to
calculate the excess isobutane molecules produced during 100 min TOS per olefin
molecule added. The values were ca. 14 and 692 for the addition of all 3 olefins at 100o
and 150oC, respectively, in agreement with the literature. This suggests a participation of
olefins with SZ sites to form “nonspecific olefin-modified active sites”.

The

enhancement in the formation rate of isobutane by a variety of olefins suggests that other
intermediates besides C8+ are capable of performing the reaction on SZ. Therefore, n-
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butane isomerization, based on the results of this study, can occur by a mechanism
involving other olefins besides butene.
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CHAPTER FIVE
COMPREHENSIVE MECHANISTIC PATHWAY FOR N-BUTANE
ISOMERIZATION ON SULFATED ZIRCONIA
[As published in Journal of Catalysis 241 (2006), 328-341]

This chapter proposes a comprehensive mechanistic model for n-butane
isomerization on sulfated zirconia (SZ) that accounts for the apparent contradictory
results reported in the literature. The use of nonspecific olefins as molecular probes in nbutane isomerization has played a central role leading to this mechanistic proposal. The
contradictory results in the literature have led various authors to conclude that the
reaction occurs via a bimolecular mechanism while others have suggested that a
monomolecular pathway is dominant. The presence of butene is well known to lead to
increased iso-butane formation, suggesting a predominantly bimolecular route. However,
recently as well as reported herein, we have shown that the addition of other olefins
(ethylene, propylene, iso-butene and 1-pentene) also promotes reaction rate and modifies
the induction period. These results indicate that not only C4 olefins but also any olefin
with the ability to form carbenium ion species on the catalyst surface is able to promote
catalytic activity.

Taking into account our latest experimental evidence, a reaction

mechanism is proposed involving a bimolecular pathway with the characteristics of a
monomolecular pathway (dual-nature mechanism) using “olefin-modified sites” as the
main centers of reaction. The major observations made for the isomerization of n-butane
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(i.e., isotopic scrambling, nonspecific olefin activity promotion, high iso-butane
selectivity, and catalyst deactivation) are discussed in light of the proposed molecular
pathway, and the seeming duality of the mechanism is addressed.

INTRODUCTION
The skeletal isomerization of n-alkanes plays an important role in the production
of branched, high-octane hydrocarbons as a replacement for traditional tetra-ethyl lead
additives. Sulfated zirconia (SZ) has gained much attention for the isomerization of nbutane because it exhibits high activity and selectivity towards isobutane even at low
temperatures [1-3]. Initially, this was suggested to be related to the strong acidity of
SZ’s, similar to that found for zeolites such as HY [1, 4], but it has been shown that this
is not the case. Zeolites, for instance, require much higher temperatures to achieve
similar conversions [5, 6]. It is possible that the catalytic ability of SZ for n-butane
isomerization is related to its capacity to promote redox reactions of hydrocarbons
(oxidative dehydrogenation), as some authors have recently suggested [7-10].
There is still much controversy about the mechanistic pathway operating for nbutane isomerization on SZ. Several researchers have suggested that the reaction
proceeds through a monomolecular mechanism involving the formation of a protonated
cyclopropane ring on unpromoted SZ [2, 11, 12] and on Pt-SZ in the presence of H2 [1315]. The monomolecular pathway can satisfactorily explain the high selectivity toward
isobutane, especially for short TOS and low conversions [2, 12].
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The other mechanism for n-butane isomerization on SZ suggested by numerous
researchers is the bimolecular mechanism [16-23]. The bimolecular pathway is
considered to occur via the formation of butene, which subsequently oligomerizes with
adsorbed C4+ carbenium ions to produce C8+ oligomeric species. Under this hypothesis, it
is assumed that a C8+ species undergoes isomerization and β-cleavage leading to mainly
isobutane and some disproportionation products. Thus far, however, how the
isomerization step of the C8+ oligomer occurs and how it leads mainly to isobutane have
not been clearly explained in the literature.
The hypothesized bimolecular mechanism is supported especially by two facts:
(1) the observation of disproportionation products such as propane and pentanes and (2)
substantial isotopic scrambling for the reaction using 1,4-13C n-butane, with the isobutane
product containing an isotopic distribution from zero to four

13

C atoms [17, 20, 24, 25]

which can not be explained solely by a monomolecular route. In addition to these two
important observations, recently experimental results have shown that the initial
formation rate of isobutane is dramatically enhanced by olefins introduced at low
concentrations in the reactant stream [16, 21-23]. The activity promoting effect of olefins
occurs even when the added olefin is not butene, pointing to a non-specific olefin rate
enhancement for isobutane formation [23]. In addition, excess isobutane molecules are
formed from each olefin molecule added [16, 21, 23], which suggests that active sites
formed by olefin addition last for multiple turnovers.

This evidence has led us to

conclude that active sites can probably be best described as olefin-modified sites [21, 23].
From our standpoint, this observation supports a bimolecular pathway that requires
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butene oligomerization prior to isomerization. A bimolecular pathway is also in large
part supported by the presence of an induction period, as this induction period has been
hypothesized to be due to the formation and accumulation of olefinic intermediates on the
surface prior to isomerization [26].
Nevertheless, some authors have suggested that n-butane isomerization does not
proceed through a bimolecular route exclusively. Matsuhashi et al. [2] concluded that nbutane isomerization occurs through a monomolecular pathway in the early stages of
reaction prior to becoming a bimolecular one at long TOS. Li et al. [12, 27] have also
proposed that the monomolecular isomerization pathway takes place at very low n-butane
conversions resulting in 100% isobutane selectivity.

As conversion increases, the

contributions from a bimolecular route become important yielding disproportionation
products.
Various studies have found that the reaction mechanism is dependent upon
reaction temperatures. According to Tran et al. [5], a diluting gas such as H2 considerably
decreases the formation rate of isobutane at low temperatures (150o and 200oC), while
there is no impact at 250oC. This was taken as an indication that a bimolecular pathway
is more pronounced at low temperatures, as was also suggested by a study using doublelabeled

13

C butane by Echizen et al. [28]. These authors found an increase in the

monomolecular pathway for n-butane isomerization with increasing reaction temperature.
The work presented here is a continuation of our research concerning the effect of
nonspecific olefin addition on the catalytic activity of SZ for n-butane isomerization and
its relationship to the reaction mechanism. As previously reported, olefins such as

- 56 -

propylene, 1-butene and 1-pentene show a substantial impact on the induction period of
n-butane isomerization on SZ in a non-distinguishable way [23]. The main conclusion
from that work has been that olefin-modified sites, rather than purely Bronsted or Lewis
acid sites themselves, may be at the center of catalytic activity for n-butane
isomerization.

This work expands on the range of olefins that can affect the

isomerization activity of SZ, including ethylene and iso-butene. Conclusions based on
these results lead us to a proposed mechanism exhibiting a duality between
monomolecular and bimolecular routes that substantiates all the major facts observed for
n-butane

isomerization.

Thus,

the

issues

of

high

selectivity,

presence

of

disproportionation products, isotopic scrambling, catalyst deactivation and the effect of
nonspecific olefin addition on reaction activity can all be addressed within the context of
our mechanistic proposal.

EXPERIMENTAL
Catalyst Preparation and Characterization
The SZ catalyst was prepared by calcining the sulfate-doped zirconium hydroxide
[Zr(OH)4] precursor [MEI, (XZ0 1249/01, Flemington, NJ)] at 600oC under static air for
2 h.

The BET surface area of the calcined SZ catalyst was determined using N2

adsorption with a Micromeritics ASAP 2010 (Norcross, GA). The sulfur content was
determined by Galbraith Laboratories, Inc. (Knoxville, TN). The crystallinity of the
calcined catalyst was studied using a Philips X’Pert X-ray diffractometer with
monochromatized Cu Kα radiation and a Ni filter, operated at 40 kV and 30 mA.
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n-Butane Isomerization
A quartz micro-reactor (i.d.= 8 mm) was used in this study. The reaction was
carried out with a maximum conversion less than 6% in order to operate under
differential conditions. Prior to reaction, 0.2 g of the SZ catalyst was pretreated in situ at
315oC under 30 cc/min of dry air (National Specialty Gases, Zero Grade) for 4 h. Then,
the reactor was cooled down to the reaction temperature of 100oC under air and flushed
with He (National Specialty Gases, UHP) for 30 min. The total flow rate of the reactant
stream was 60 cc/min (STP), which consisted of 30 cc/min of 5% n-C4 + 1% Ar in a
balance of He (National Specialty Gases). The reaction pressure was kept constant at 1.5
atm. The flow of pure He was adjusted to keep a constant flow rate of n-butane when
olefin [1% of C2=, C3=, 1-C4=, isoC4= or 1-C5= in He (National Specialty Gases, UHP)]
was added to the feed stream. Any olefin impurities from the n-butane cylinder were
removed using a trap containing 10 g of H-mordenite held at room temperature. The
impurities remaining in the n-butane feed were 2 ppm propane and 7 ppm isobutane.
In this study, various olefins (C2=, C3=, 1-C4=, iso-C4= and 1-C5=) were added to
the reaction stream in order to measure their effect on SZ activity. Ethylene was added to
the reaction at the lowest olefin-to-paraffin (O/P) ratio of 0.003 due to the strong catalyst
activation-deactivation response to this olefin, while iso-butene was continuously added
at 0.009. Other olefins, C3=, 1-C4= or 1-C5=, were added at various O/P ratios from 0.0030.015. Reactions were carried out at 100oC where reaction rates were affected by neither
mass nor heat transfer limitations.
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Reaction samples were collected using a 34-port VICI auto-sampling valve that
could take up to 16 product samples to precisely study the induction period of reaction.
Samples were analyzed using a Varian 3700 GC equipped with a 12-ft 15% Squalane CPAW-DMCS/Chromosorb 80/100-mesh column and a flame ionization detector (FID).
All major reaction products were identified using a known standard gas mixture. All
experiments were reproducible within a maximum error in rate of ± 5%.

RESULTS
Catalyst Characterization
The sulfur content of the fresh calcined SZ was 1.7 wt% and its BET surface area
was 137 m2/g. XRD analysis showed only the presence of the tetragonal phase of ZrO2
(see Appendix C).

The Effect of Nonspecific Olefin Addition on Reaction Rate
The effects of continuous ethylene, propylene, 1-butene, iso-butene and 1-pentene
addition on catalyst activity are shown in Figure 5.1 at the optimum O/P ratio for
maximum rate enhancement as previously determined [23]. The addition of any type of
olefin was able to increase the maximum rate of isobutane formation and shorten the
induction period to different degrees. With the addition of optimum amounts of
propylene, 1-butene and 1-pentene, the catalyst activity was enhanced equally, resulting
in similar induction periods. However, the catalyst activity was considerably increased to
a maximum value of 0.27 µmol/gcat/s in less than 2 min when ethylene was added at an
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even lower O/P ratio. A very fast induction period followed by a significant decrease in
catalytic activity was observed with a maximum reaction rate 3 times higher than that
observed for the reaction in the absence of added olefin (ca. 0.09 µmol/gcat/s). On the
other hand, catalyst activity was not significantly improved by the continuous addition of
iso-butene. There was only a 30% rate increase with respect to reaction using no olefin

Formation Rate of Isobutane
(µmol/gcat/s)

addition.

0.30
no olefin added
C2=/ n-C4 = 0.003
C3=/ n-C4 = 0.009
1-C4=/ n-C4 = 0.012
iso-C4=/ n-C4 = 0.009
1-C5=/ n-C4 = 0.009

0.25
0.20
0.15
0.10
0.05
0.00
0
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TOS (min)
Figure 5.1 Isobutane formation rate at 100oC when ethylene, propylene, 1-butene,
isobutene or 1-pentene was added continuously

- 60 -

The deactivation rate constant for reaction without olefin addition was 0.01 min-1.
The deactivation rate constant (kd) is defined by riso(t) = roexp(-kdt) after the induction
period, where riso(t) is the formation rate of isobutane and ro is the maximum rate reached
at the end of the induction period. The continuous addition of iso-butene only affected
catalyst deactivation moderately. This addition resulted in a value of kd of 0.024 min-1.
In contrast, kd for continuous ethylene addition at an O/P ratio of 0.003 was very high
(0.096 min-1). Deactivation rate constants for continuous C3=, 1-C4= and 1-C5= addition
were 0.045, 0.041, and 0.032 min-1, respectively, at the O/P ratio of 0.009.
Figure 5.2 shows a comparison in the rate of isobutane formation resulting when
the catalyst was exposed to ethylene, propylene, 1-butene and 1-pentene during only the
initial 2 min of reaction. Iso-butene addition during the initial 2 min of reaction was not
carried out in this study due to its lesser effect in the continuous addition study. Similar to
the continuous ethylene addition experiment, ethylene considerably enhanced catalyst
activity, but with a lesser impact on catalyst deactivation, as expected due to being added
only for 2 min. The 2-min initial addition of propylene, 1-butene and 1-pentene also
resulted in higher activities and faster induction periods than when no olefin was added,
but slightly lower maximum activities. Similar deactivation profiles were obtained for
the 2-min addition of these olefins as for the reaction without olefin addition.
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Formation Rate of Isobutane
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Figure 5.2 Isobutane formation rate at 100oC when ethylene, propylene, 1-butene or 1pentene was added during only the initial 2 min of reaction.

The Effect of Nonspecific Olefin Addition on Isobutane Selectivity
Clearly, selectivity can provide insight into the reaction mechanism. The impact
of ethylene, iso-butene, propylene, 1-butene, and 1-pentene addition on the isobutane
selectivity is shown in Figure 5.3. In Figure 5.3 (a), isobutane selectivity remained at
approximately 97% for the 2-min ethylene addition experiment, comparable to reaction
without added olefin and with propylene, 1-butene, and 1-pentene addition for only the
initial 2-min of reaction, as previously reported [23]. Isobutane selectivity declined
somewhat with TOS when ethylene was added continuously. This was also observed
when the catalyst was continuously exposed to iso-butene [Figure 5.3 (b)]. Changes in
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isobutane selectivity at various O/P ratios of continuously added propylene, 1-butene, and
1-pentene are shown in Figures 5.3 (c-e). Although the effect of olefin (C3=, 1-C4= and 1C5=) addition on the isobutane selectivity was addressed previously [23], additional
results are shown here in order to provide more details. In Figure 5.3 (c), for propylene
addition at low O/P ratios, the selectivity to isobutane did not change significantly with
TOS (95-80%). Only when the O/P ratio used was higher than the optimum value
(0.009) did isobutane selectivity drop to 67% at 100 min TOS. However, the selectivity
obtained at very low concentrations of 1-butene addition was higher than that observed
with the addition of similar concentrations of propylene. This suggests that, under very
low partial pressures of added butene, the surface of the catalyst must be essentially
unchanged from that in its absence.
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Figure 5.3 The isobutane selectivity at 100oC when (a) ethylene was added continuously
and during only the initial 2 min of reaction at an O/P ratio 0.003, (b) iso-butene was
added continuously at an O/P ratio 0.009, (c) propylene, (d) 1-butene, and (e) 1-pentene
were added continuously with varying O/P ratios.
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A decrease in selectivity was more evident for longer TOS, higher O/P ratios and
larger linear olefins (propylene, 1-butene and 1-pentene, in that order). The decrease in
isobutane selectively was probably related to the formation and disproportionation of
larger oligomers formed to a greater degree with TOS on the catalyst surface; however,
branching changed the impact of olefin size on selectivity. The selectivity to isobutane
was higher with iso-butene addition [Figure 5.3 (b)] than with propylene addition [Figure
5.3 (c)]. This may have been due to a lower participation of iso-butene in the formation
of isobutane (with consequently, lower rate enhancement). During the iso-butene
addition, the catalyst surface intermediates may have been more homogeneous resulting
in a lower probability for reaction to produce undesirable byproducts.

The Distribution of Byproducts
Variations in the % selectivities of all the detectable reaction products at 100oC
with TOS at the maximum catalyst activity and at 85 min are shown in Tables 5.1-5.3 for
the various olefins added. Table 5.1 shows the effect of continuous 1-butene addition on
% selectivity of various products as the O/P ratio was varied. Continuous 1-butene
addition had a negative impact on isobutane selectivity with increasing 1-butene
concentration, causing a variety of byproducts to be formed. An unknown byproduct Cun
was formed at long TOS during 1-butene addition for O/P ratios ≥ 0.012, while an
absolute identification of this byproduct (Cun) was not possible. Based on boiling point
identification, it may be cyclobutane; however, in any case, this compound did not appear
to play any role in nor be a byproduct of the isomerization pathway. By the time this
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byproduct was observed at long TOS, the catalyst had significantly deactivated and its
activity for isomerization was nearly zero. Other byproducts were C3, iso-C5, and traces
of n-C5 and iso-C6.
% selectivities of all products were also affected by the type of olefin added
continuously, as shown in Table 5.2. Ethylene and iso-butene had the least impact on
selectivity during continuous addition. Ethane was also found in very small
concentrations when the SZ catalyst was exposed to ethylene, indicating that some
hydride transfer took place between n-butane and the C2+ carbenium ion adsorbed on the
surface. The formation of iso-hexane was only observed with continuous propylene, 1butene and 1-pentene addition. For continuous olefin addition, the selectivity toward isopentane increased and surpassed that of propane at long TOS. Table 5.2 also shows that a
large amount of 2-pentene was detected during the continuous addition of 1-pentene. It is
worthwhile to note that the amount of unidentified product Cun (possible cyclobutane) or
2-pentene formed appeared to increase with TOS and O/P ratio (see Appendix D). These
byproducts became significant at long TOS giving rise to a low % isobutane selectivity.
The 2-pentene produced was likely formed via double-bond isomerization of 1-pentene
which easily takes place in the presence of even weak acid catalysts [29]. The greatest
variety of byproducts was observed during continuous 1-pentene addition (Table 5.2).
This was probably due to the formation of larger oligomeric species during the
continuous addition of 1-pentene.
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Table 5.1 % Selectivities a for isobutane and various byproducts for continuous 1-butene addition at various O/P ratios.

0

Ratio

0.006

0.012 b

0.009

85 mind

13 minc

85 mind

11 minc

85 mind

7 minc

85 mind

6 minc

85 mind

6 minc

85 mind

%n-C4
conversion

1.77

0.79

2.22

0.59

2.43

0.16

2.94

0.14

3.28

0.27

3.32

0.24

iso-C4

97.8

98.7

96.8

97.5

97.1

97.7

95.1

90.3

93.3

50

93.2

18

C3

1.3

1

1.4

1.1

1.4

-

1.7

-

1.8

-

1.8

-

Cune

-

-

-

-

-

-

-

-

1.2

46

1.2

77.2

iso-C5

0.6

-

1.4

0.9

1

2.3

2

9.7

2.5

4.6

2.5

4.8

n-C5

0.3

0.3

0.4

0.5

0.5

-

0.5

-

0.5

-

0.5

-

iso-C6

-

-

-

-

-

-

0.7

-

0.7

-

0.8

-
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Max. error = ± 0.8 %.
The optimum O/P ratio for the maximum isobutane formation rate.
c
Time at the maximum activity.
d
Time at pseudo-steady state.
e
Unknown product (based on relative boiling point, it may have been cyclobutane).
b

0.015

25 minc

Product

a

0.003

Table 5.2 % Selectivities a for isobutane and various byproducts for continuous addition of a variety of olefins.

Olefin

C3=
O/P = 0.009 b

1-C4=
O/P = 0.012 b

1-C5=
O/P = 0.009 b

85 mind

1.75 minc

85 mind

6 minc

85 mind

6 minc

85 mind

13 minc

85 mind

6 minc

85 mind

% n-C4
conversion

1.77

0.79

5.61

0.28

3.25

0.09

3.28

0.27

2.22

0.42

3.63

0.55

iso-C4
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-

-

0.2

0.4

-

-

-

-

-

-

-

-

C3

1.3

1

2

1.6
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-

1.9

-
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1
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0.6
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-

-

-

-

-

-

1.4

45.7

-

-

-

-

iso-C5

0.6

-

3.3

8

2.7

15

2.5

4.6

2.8

10.1

2.6

2.7

n-C5

0.3

0.3

0.5

-

0.6

-

0.5

-

0.5

-

-

-
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2-C5=

-

-

-

-

-

-

-

-

-

-

8

58.7

=

iso-C5

-

-

-

-

-

-

-

-

-

-

0.7

2

1,3-C5= f

-

-

-

-

-

-

-

-

0.2

-

0.2

-

iso-C6

-

-

0.7

-

0.7

-

-

-

0.7

-

0.7

-

Max error = ± 0.8 %.
The optimum O/P ratio for the maximum isobutane formation rate.
c
Time at the maximum activity.
d
Time at pseudo-steady state.
e
Unknown product (based on relative boiling point, it may have been cyclobutane).
f
1,3-pentadiene are designated as 1,3-C5=.
b

isoC4=
O/P = 0.009

25 minc

Product

a

C2=
O/P = 0.003

none

Table 5.3 % Selectivities a for isobutane and various byproducts for 2-min olefin additions and without olefin addition.

Olefin

C3=
O/P = 0.009 b

1-C5=
O/P = 0.009 b

85 min d

1.75minc

85 min d

11 min c

85 mind

11 minc

85 min d

11 minc

85 mind

% n-C4
conversion

1.77

0.79

2.98

0.6

2.48

0.87

2.66

0.89

2.39

0.79

iso-C4

97.8

98.7

94.4

96.6
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98.9
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98.8
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99.1

C3

1.3

1

2.3

0.9

1.5

0.9

1.6

1

1.4

0.9

iso-C5

0.6

-

2.6

0.9

0.9

-

0.8

-

0.8

-

n-C5

0.3

0.3

0.7

1.6

0.3

0.2

0.3

0.2

0.4

-
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Max. error = ± 0.5 %.
The optimum O/P ratio for the maximum isobutane formation rate.
c
Time at the maximum activity.
d
Time at pseudo-steady state.
b

1-C4=
O/P = 0.012 b

25 minc

Product

a

C2=
O/P = 0.003

None

In Table 5.3, for 2-min olefin addition experiments, the amount of propane
produced was greater than pentane (iso-C5 + n-C5) for all the linear olefins, which is
similar to other data in the literature where no olefin was added [17, 18].

The

selectivities of byproducts without and with 2-min olefin addition were essentially the
same except for ethylene addition. Here, the amount of pentane produced was relatively
high for the initial 2-min addition of ethylene. Given that tmax for ethylene addition was
less than 2 min, selectivity results at maximum activity for both continuous (Table 5.2)
and 2-min (Table 5.3) ethylene addition were identical within experimental error.

DISCUSSION
Proposed Reaction Mechanism
Most of our results with 1-butene addition for n-butane isomerization catalyzed
by SZ, as well as experimental results reported by many others, can be explained using a
bimolecular pathway [16-21, 23, 25, 30]. However, such a pathway does not explain the
high isobutane selectivity typically observed. Although a monomolecular pathway can
easily account for the highly selective skeletal isomerization of n-butane [2, 11-15], the
monomolecular mechanism is inconsistent with the isobutane isotopic scrambling results
for reactions carried out using 1,4

13

C-labeled n-butane [20, 24, 31]. In addition, the

additional amounts of isobutane produced in excess of the amounts of olefin molecules
added in experiments using olefin addition cannot be justified by a simple
monomolecular route [16, 21]. We have concluded that any mechanistic model proposed
for this reaction on SZ must possess characteristics able to accommodate all the facts

- 71 -

mentioned above: high selectivity to isobutane, isotopic scrambling of the carbon atoms,
and influence of olefins. Only in this way can we reconcile the dissimilar conclusions
reached by many excellent research groups. Also, a mechanism able to account for the
seemingly contradictory results would be logically more satisfying than just invoking a
conclusion that sometimes one mechanism (a monomolecular pathway) is operable (short
TOS, low conversion, high reaction temperature) while other times the second, a
bimolecular one, is in play (long TOS, high conversion, low reaction temperature).
As has been seen, all olefins, independent of their particular characteristics, are
able to influence (in varying degrees) the initial catalyst activity (induction period and
maximum activity, Figures 5.1 and 5.2) with only a small impact on isobutane selectivity
for short TOS (Figure 5.3). Also, initial 2-min olefin addition experiments showed
virtually no effect on isobutane selectivity for long TOS (Table 5.3). This suggests that
there is no significant disruption of the chemical pathways taking place during
isomerization by primarily populating Bronsted acid sites with olefins other than the
hypothesized butene (in the bimolecular mechanism). As shown in Figure 5.4, the effect
of (added and/or formed) butene on the skeletal rearrangement reaction of n-butane is
best explained by a bimolecular pathway with the underlying characteristics of a
monomolecular mechanism using “olefin-modified sites” as centers of reaction. This
proposed mechanism also explains the high isobutane selectivity observed with initial 2min olefin addition. Note, the 1,4-13C-labeled n-butane reactant is indicated in Figure 5.4
(a) and Figures 5.5 (a) and (b) so that we can later refer to the same figures for the
interpretation of isotopic scrambling data as has been reported in the literature.
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Olefin formation by the oxidative dehydrogenation of n-butane
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Olefin formation by the oxidative dehydrogenation of n-butane
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Figure 5.4 The proposed reaction mechanism (a) with 1-butene and without olefin
addition (normal reaction), (b) with ethylene addition, (c) with propylene addition and (d)
with 1-pentene addition. Boxed and oval compounds represent detected gas molecules
and olefin-modified sites, respectively.
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CH3

Iso-Butene

In this study, the catalytic activity of SZ was enhanced not only by added butene
but also by the addition of ethylene, propylene and 1-pentene. This reaction activity
enhancement observed for other olefins rather than butene suggests that skeletal
isomerization of n-butane can occur via different oligomeric species. Thus, olefinmodified sites can be formed by added C2=, C3= and 1-C5= molecules as well. The addition
of C2=, C3= or 1-C5= does not disturb the principle of this mechanistic pathway. Figures
5.4 (b-d) represent the mechanistic model when the reaction is exposed to the addition of
ethylene, propylene and 1-pentene, respectively. As can be seen, the reaction proceeds
through the same mechanistic approach with or without added butene [Figure 5.4 (a)].
The main difference, however, is that olefin-modified sites (A) are formed from added
ethylene, propylene and 1-pentene. Thus, the reaction between these olefin modified
sites and butene formed from the oxidative dehydrogenation of n-butane yields
oligomeric intermediates C6+, C7+ and C9+ as shown in Figures 5.4 (b-d), respectively.
This mechanistic proposal is able to explain the formation of the observed
byproducts. The fact that all reaction byproducts (mainly propane and iso-pentane) show
observed parallel trends when 1-butene is added is in a good agreement with this
proposed mechanism as shown in steps 4.1-3, 4.2-2 and 6 in Figure 5.4 (a). In other
words, the fact that all observed reaction products reach the maximum production rate at
the same time and show the same reaction profile during the induction period suggests
that all products originate from a common reaction intermediate or intermediates of
similar nature.
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Mechanistic Interpretation of Major Experimental Observations
The proposed reaction mechanism cannot be described as a solely monomolecular
nor bimolecular pathway but it is able to explain most experimental results reported so far
in the literature. Here, we summarize major facts observed in the isomerization of nbutane on SZ and indicate how they fit into the proposed dual-nature mechanistic
pathway.
Isotopic Scrambling
One important aspect of the experimental evidence for a bimolecular pathway to
n-butane isomerization is the isotopic scrambling observed for the isomerization of 1,413

C n-butane. Isotopic scrambling occurs for a wide range of reaction temperatures from

20o to 250oC. For instance, it has been reported that the isomerization product (isobutane) contains

13

C closely following a binomial distribution [17, 20, 24, 25]. This

observation can be explained by two reaction pathways showing how isotopic scrambling
may take place [Figures 5.5 (a) and (b)]. Isotopic scrambling to single and triple labeled
isobutane can be obtained by the same proposed mechanistic approach if the starting
carbenium ion on the surface is di-labeled C5+ or C3+ (species A) as shown in Figures 5.5
(a) and (b), respectively. Di-labeled C5+ can be produced from an adsorbed iso-pentene
on a Bronsted acid site, while di-labeled C3+ is the same species as (F) in Figure 5.4 (a)
step (4.2-2). Clearly, scrambling should increase with increasing the population of C3+
and C5+ carbenium ions, and it is worthwhile to point out that the two isotopic scrambling
pathways presented here should be taken as only two possibilities among many that may
exist as the catalyst surface becomes rich with numerous carbenium species with varying
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isotopic composition. In contrast, double labeled isobutane is a major product of the
reaction [as shown in Figure 5.4 (a)] due to the dominant isobutane formation compared
to that of byproducts (C3 and C5) which is in agreement with what isotopic scrambling
studies have reported [17, 25].
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Figure 5.5 The proposed reaction mechanism showing the formation of (a) single-labeled
isobutane and (b) triple-labeled isobutane. Boxed and oval compounds represent detected
gas molecules and olefin-modified site, respectively.

Nonspecific Olefin Rate Enhancement
It has been shown for a long time that butene impurities present in the n-butane
feed stream increase the formation rate of isobutane; thus, butene has been suggested by
many authors to play a significant role in n-butane isomerization on SZ [16, 17, 21, 22,
26]. With the dual-nature mechanism, butene would activate catalytic sites by forming
adsorbed C4+ carbenium ions or the “so called” olefin-modified sites [21].
The faster induction period observed for ethylene addition may be the result of
multiple dominant reaction pathways leading to the isobutane product. Figure 5.4 (b)
shows how the isomerization of a C6+ carbocation, followed by β-scission leads to iso-

- 81 -

butene and C2+ through multiple pathways. It is unlikely, however, that iso-pentane, a
major byproduct with the addition of ethylene, can be produced from β-scission and
disproportionation of C6+ oligomer. Therefore, we suggest that iso-pentane is formed in
this case by oligomerizing C3 and C2 species, as shown in step 5 in Figure 5.4 (b). The
higher reactivity associated with a primary carbenium ion formed from the adsorption of
C2= compared to the reactivity of any secondary or tertiary carbocations formed by the
adsorption of C3=, C4=, C5= or iso-C4= olefins should also contribute to the increased
activity observed for ethylene addition. However, it has to be mentioned that a faster
cracking of C6+ ions over C7+ and C8+ species is not consistent with the work of
Buchanan et al. [32]. Their work, nonetheless, was conducted on ZSM-5 at a much higher
temperature (510oC). Thus, in order to make fair comparisons, similar olefin cracking
studies should be carried out on SZ at 100°C.
Thus far, we can say that the addition of olefins allows an efficient way to rapidly
form the olefin-modified sites hypothesized for the reaction to go forward. This is in
agreement with two important observations made in our labs using olefin addition. First,
olefin addition gives rise to the production of excess isobutane (amount of additional
isobutane molecules per olefin molecule added), indicating that olefin-modified sites can
last multiple reaction turnovers [21]. For instance, the excess ratio of isobutane formed
per olefin added, as calculated from 2-min olefin addition experiments was 14 for
propylene, 1-butene and 1-pentene [23] and 16 for ethylene at 100oC over 100 min of
reaction. Second, produced butene was only observed for reaction carried out at low
temperatures (40oC) and during the initial reaction period. This implies that, at lower
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temperatures, catalyst activation by olefins is limited by the amount of olefin adsorption,
but at higher temperatures the adsorption of olefins is fast and the catalytic sites quickly
initiate reaction.
The proposed dual-nature bimolecular route does not prevent the monomolecular
route from occurring. However, skeletal isomerization should be energetically more
favorable for larger oligomer carbenium ions (C6+, C7+, C8+ and C9+) than for C4+
carbenium ions. Indeed, olefin addition has been shown by SSITKA to increase the
concentration of active surface intermediates leading to isobutane [21].

Isobutane Selectivity
As mentioned earlier, the proposed mechanism can also explain the high
isobutane selectivity observed in experiments without olefin addition or with any type of
olefin initially added during the first 2 min of reaction (Table 5.3). This is a virtue of its
monomolecular-like nature as a result of skeletal isomerization taking place mainly on
the alkyl moiety coming from the second adsorbed olefin on an olefin-modified site. The
high selectivity to isobutane suggests that pathway 4.1-1 leading to isobutane formation
is dominant over pathway 4.1-3 leading to byproducts [Figure 5.4 (a)]. Note also that step
4.1-3 requires another 1,2-hydride shift prior to β-scission in order to form iso-pentane
and propane. Similarly, step 4.2-2 should be less favorable than step 4.2-1 due to an
expected lower equilibrium concentration of the secondary C8+ carbenium ion than that of
the tertiary one.
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Lower isobutane selectivities, however, were observed for continuous addition of
the larger olefins. The selectivity to isobutane decreased in the order propylene > 1butene > 1-pentene. The isobutane selectivity appears to correlate inversely with the
hypothesized size of the oligomeric intermediates formed from ethylene, propylene, 1butene and 1-pentene addition (C6+, C7+, C8+, C9+, respectively) even for short TOS.
Clearly, the larger the intermediate is, the higher the probability for other isomerization
and disproportionation pathways to take place, lowering the observed selectivity (Table
5.2) , as suggested by Buchanan et al. [32]. On the other hand, Sassi et al. [33] reported a
low isobutane selectivity (only 80%) for the cracking of trimethylpentane at 100oC on
SZ, which would seem to contradict the assumption that the cracking of a C8+ oligomeric
species can yield selectivities over 90% for isobutane, as observed in n-butane
isomerization. However, it should be noted that these authors carried out their reaction at
relatively high conversions > 40% where the catalyst surface would certainly be more
heterogeneous in terms of oligomer population and oligomer size distribution. In fact, if
one considers that under these conditions C12+, C16+ and larger oligomers are possible,
80% selectivity for isobutane actually sounds very good.
It was also observed that the isobutane selectivity appeared to be more stable
when no olefin was added or with the addition of olefin during only the initial 2 min of
reaction, while it became significantly lower for continuous olefin addition at high O/P
ratios for long TOS. With high olefin concentrations on the surface of the catalyst,
multiple olefins could oligomerize with olefin-modified sites rather than butene from nbutane leading to an improper configuration of the reaction intermediates.
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These

inappropriate intermediates offer more opportunities for the reaction to follow
undesirable pathways resulting in a larger amount of byproducts as can be produced in
step 4.1-3 and 4.2-2 in Figure 5.4 (a). As reaction proceeds via these pathways, it creates
intermediates that increase the probability for further reaction via non-selective pathways.
Thus, with TOS, selectivity to isobutane decreases.

Catalyst Deactivation
Catalyst deactivation is another common feature of isomerization reactions
catalyzed by SZ. As has been pointed out by many authors, deactivation of SZ under nbutane isomerization is primarily due to coke/oligomer formation. The polymerization,
cyclization and deprotonation of Cn+ carbenium ions have been suggested to give rise to
cycloalkenyl ions, which are precursors for aromatic species and ultimately coke [34-36].
As would be expected, under continuous olefin addition and increased olefin
concentration, catalyst deactivation increased. Olefins in the gas phase certainly can
adsorb not only on free Bronsted acid sites but also on available carbenium ions on the
catalyst surface giving rise to larger oligomers (C12+ or larger), which could undergo
cyclization and dehydrogenation. This is consistent with the proposed mechanism where
the selectivity to isobutane should be hampered as larger or more complex oligomers can
isomerize and disproportionate in different ways. Hence, those olefins promoting the
catalytic cycle are also the same species that promote deactivation. Thus, unless a
continuous system for addition/elimination of olefins that does not allow formation of
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large oligomeric species is established on the catalyst surface, catalyst deactivation is
unavoidable.

CONCLUSIONS
A comprehensive reaction mechanism for n-butane isomerization on sulfated
zirconia (SZ) is proposed based on the results from the use of added nonspecific olefins
as molecular probes. The addition of other olefins (ethylene, propylene, iso-butene and 1pentene) besides the hypothesized intermediate butene promoted catalytic activity and
modified induction periods. The proposed mechanism involves the concept of a
bimolecular pathway with the underlying characteristics of a monomolecular mechanism
(dual-nature mechanism). We also suggest that “olefin-modified sites” are the main
centers of reaction. Such sites are formed from any type of olefin and are able to enhance
reaction rate by forming additional active sites.
The reaction mechanism proposed here shows how carbenium ions adsorbed on
acid sites can give rise to oligomeric intermediates, Cn+, ranging from n = 6 to 9 by
oligomerizing butene, C4=, (from n-butane) with an olefin-modified site (C2+, C3+, C4+
and C5+ from added C2=, C3=, C4= and C5=, respectively). Isomerization takes place by a
skeletal rearrangement through protonated cyclopropane states. Isobutane is produced
after β-scission, olefin re-adsorption and hydride transfer with the n-butane reactant. The
proposed mechanism can account for most of the major facts observed in n-butane
isomerization, i.e., isotopic scrambling, non-specific olefin rate enhancement, high
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isobutane selectivity, and catalyst deactivation, thereby helping to explain the seeming
contradictory evidence from numerous credible research groups.
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CHAPTER SIX
N-BUTANE ISOMERIZATION ON SULFATED ZIRCONIA:
HOW OLEFINS AFFECT SURFACE INTERMEDIATE CONCENTRATION
[As published in Journal of Catalysis 245 (2006) 198-204]

Isotopic transient kinetic analysis (ITKA) was used to study the effect of various
olefin additions (ethylene, propylene, 1-butene and 1-pentene) on n-butane isomerization
on sulfated zirconia (SZ) at 100oC. The activity of the catalyst was reported earlier to be
enhanced by not only added butene but also by the addition of ethylene, propylene and 1pentene. This reaction activity enhancement observed for other olefins rather than butene
was suggested to be due to the isomerization of n-butane via different oligomeric species.
In this work, we show that at the maximum reaction rate after the initial induction period,
the activity of the reaction sites appeared to be similar, regardless of whether activated by
the various added olefins or by butene produced during reaction. The addition of butene
was able to lower the average surface residence time of the active intermediates leading
to isobutane (τ*isoC4) at the very beginning of the reaction induction period, reinforcing an
early suggestion that the formation of butene and an accumulation of olefinic
intermediates are required in order to carry out the reaction. The improvement in
isobutane formation rate caused by the addition of olefins was due to an increase in the
concentration of surface intermediates leading to isobutane (N*isoC4). Any type of added
olefin led to the formation/utilization of additional active olefin-modified sites (i.e.,
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adsorbed carbenium ions on acid sites). A larger N*isoC4 was also obtained compared to
the reaction without olefin addition when the olefins were only added during the initial 2
min of reaction and then terminated. This suggests that most of the olefin-modified sites
were probably formed by the added olefin at the early stages of reaction. Those sites
were able to integrate themselves into the reaction cycles and to last for multiple
turnovers.

INTRODUCTION
The structural isomerization of linear paraffins to branched ones is one important
process in raising the octane number of gasoline. Most current commercial processes are
based on the use of chlorinated Pt/Al2O3 that requires the continuous addition of chlorine.
In order to make this process more environmentally friendly, heterogeneous strong acid
catalysts that do not require the continuous addition of an undesirable chemical like
chlorine have been sought.
Modified zirconias have been shown to be very strong solid acids and much
research has been conducted on these catalysts. One of the most active modified zirconias
is sulfated zirconia (SZ) upon which one current UOP licensed process is based.
Although SZ has high activity for alkane isomerization at even low temperatures [1], it
also deactivates rapidly.
The mechanisms of alkane isomerization, particular for n-butane isomerization,
have been heavily studied. Numerous studies have been shown that an increase in SZ
activity is manifested when butene is added [2, 3] or present as an impurity [4-7]. This
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result has led to a suggestion of a bimolecular mechanism that requires the formation of
C8+ species via the oligomerization of butene and n-butane prior to isomerization and βscission in order to form isobutane [2, 3, 5, 8-12]. However, Li et al. [13] suggested that
n-butane isomerization proceeds via a monomolecular pathway in which isobutane is
formed by the skeletal isomerization of sec-butyl ion produced by a protonation of butene
to tert-C4+ intermediates. An increase in sec-butyl ion due to the presence of butene led to
an enhanced reaction rate. Recently, we have put forth a new hypothesized mechanism
based on the results that any olefin can enhance n-butane isomerization on SZ [14]. Not
only butene but also ethylene, propylene and 1-pentene would appear to be able to form
active “olefin-modified sites”, which have been suggested to be main centers of reaction
[2]. In this proposed mechanism, isomerization takes place by a monomolecular skeletal
rearrangement of oligomeric species through protonated cyclopropane states [14]. These
oligomeric intermediates are formed via oligomerization of olefin and an adsorbed
carbenium ion, the so called “olefin-modified site” [2]. The comprehensive mechanism,
having attributes of both the previously hypothesized monomolecular and bimolecular
pathways, is able to resolve all the disparate results in the literature.
It has been shown that the addition of butene does not have an impact on the
average site activity of the SZ catalyst since the average surface residence time of
isobutane intermediates (τ*isoC4) remained essentially unchanged for n-butane
isomerization at 150oC as determined by isotopic transient kinetic analysis (ITKA) [2].
The increase in the formation rate of isobutane caused by added butene at 150oC was
shown to be due to an increase in the concentration of surface intermediates leading to
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isobutane (N*isoC4). However, it is important to know what are the effects of ethylene,
propylene or 1-pentene additions on the surface kinetic parameters of n-butane
isomerization. By determining the surface kinetic parameters using ITKA, a better
understanding can be developed of how added olefins influence reaction rate with TOS,
since understanding what happens on the surface of catalyst during the induction period
is key to understanding how the catalyst works and how olefins influence activity and
reaction. Although the isotopic tracing measurements have already been carried out for nbutane isomerization with the addition of 1-butene [2], no determination of the surface
reaction parameters during the reaction induction period or for reaction at 100oC have
been reported. Therefore, in this work, ITKA was carried out for n-butane isomerization
at 100oC in the presence and absence of various olefin additions (ethylene, propylene, 1butene and 1-pentene). The concentration of surface intermediates and other surface
kinetic parameters during the induction period of n-butane isomerization on SZ were
measured and are reported here within.

EXPERIMENTAL
Catalyst Preparation and Characterization
The SZ catalyst was prepared by calcining a sulfate-doped zirconium hydroxide
[Zr(OH)4] precursor obtained from MEI (XZ0 1249/01, Flemington, NJ) at 600oC under
static air for 2 h. It was then cooled down to room temperature over a 4 h period. BET
surface area using N2 adsorption was determined for the calcined SZ catalyst with a
Micromeritics ASAP 2010. The sulfur content was measured by Galbraith Laboratories,
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Inc. (Knoxville, TN). The crystallinity of the calcined catalyst was analyzed using a
Philips X’Pert X-ray diffractometer with monochromatized Cu Kα radiation and a Ni
filter, operated at 40 kV and 30 mA.

Reaction Rate Analysis
The study of n-butane isomerization was performed in a quartz micro-reactor
(i.d.= 8 mm). The reaction was carried out under differential reaction conditions with a
maximum conversion less than 5% in order to minimize temperature and concentration
gradients. The SZ catalyst (0.2 g) was pretreated in situ at 315oC under 30 cc/min of dry
air (National Specialty Gases, Zero Grade) for 4 h, where the temperature was ramped at
2oC/min and held constant at 100oC for 1 h before heating to 315oC. Then, the reactor
was cooled down to 100oC under air and flushed with He (National Specialty Gases,
UHP) for 30 min prior to the reaction. Reactions were carried out at 100oC and at a
constant pressure of 1.5 atm where reaction rates were affected by neither mass nor heat
transfer limitations.
A trap containing 10 g of H-mordenite held at room temperature was used to
remove any olefin impurities present in the n-butane feed. The impurities remaining in
the n-butane feed after the trap were 1 ppm ethane, 17 ppm propane and 90 ppm
isobutane. The total flow rate of the reaction mixture was 30 cc/min (STP) containing 15
cc/min of 5% n-12C4H10 + 1% Ar (balance in He) (National Specialty Gases) and 15
cc/min of He. The flow of pure He was reduced to keep a constant concentration of nbutane when olefins [1% of C2=, C3=, 1-C4=, or 1-C5= in He (National Specialty Gases,
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UHP)] were added to the feed stream. Ethylene was added to the reaction at the lowest
olefin-to-paraffin (O/P) ratio of 0.003 due to its strong catalyst activation-deactivation
response, while propylene, 1-butene and 1-pentene were added at the optimum O/P ratio
for maximum rate enhancement as previously determined (0.009, 0.012 and 0.009,
respectively) [3]. Reaction samples were analyzed using a Varian 3700 GC equipped
with a 12-ft 15% Squalane CP-AW-DMCS/Chromosorb 80/100-mesh column (Alltech)
and a FID. All experiments were reproducible within a maximum error in rate of ± 5%.

Isotopic Transient Kinetic Analysis (ITKA)
For ITKA during reaction, a Valco 2-position valve with an electric actuator was
used to switch between 5% n-12C4H10 + 1% Ar in He and 5% 13CH3(12CH2)213CH3 in He
(Isotec, 99%) without disturbing the other reaction conditions. A trace of Ar was present
in the n-12C4H10 in order to measure the gas-phase holdup for the reaction system. A 34port VICI auto-sampling valve was used to collect 16 effluent samples during the 2-minperiod isotopic transients. Later, the collected effluent samples were separated by a GC
with 24-ft 15% Squalane CP-AW-DMCS/Chromosorb 80/100-mesh column (Alltech)
held at 27oC. A thermal conductivity detector (TCD) was used for product analysis in
order not to destroy them. Twenty cc/min of 8.5% H2/He was used as the carrier gas in
the GC column and as a source of H2 for a hydrogenolysis unit in which the separated
effluent was converted to methane (CH4) after GC separation. The hydrogenolysis reactor
containing 5 g of 5% Pt on Al2O3 was held at 250oC. The product CH4 was subsequently
introduced into a Balzers-Pfeiffer Prisma 200 amu quadrupole mass spectrometer
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(Pfeiffer Vacuum) via a 1/16 inch capillary tube with differential pumping. The MS data
were collected by a personal computer using Balzers Quadstar 422 v 6.0 software.
Surface kinetic parameters such as the average surface residence time (τisoC4 and τn-C4)
were determined from the isotopic transients using ITKA data analysis software. The
analysis method and system set up are given elsewhere [15, 16] (see Appendix B).
We have previously reported that if not taken into account, the impact of
isobutane readsorption on ITKA can lead to an overestimation of the average residence
time of surface intermediates leading to isobutane (τisoC4), resulting in an overestimation
in the concentration of surface intermediates for isobutane (NisoC4) [16]. Therefore, in
order to correct τisoC4 for readsorption, experiments were performed at different space
times by varying catalyst weight from 0.05-0.25 g and the values of τisoC4 were measured.
These values were then used to determine a corrected value of τisoC4. The impact of
reversible isobutane readsorption on τisoC4 was significant for every situation studied (see
Appendix E). By extrapolating to zero space-time, a better value for τisoC4 in the absence
of readsorption effects was obtained and is designated as τ∗isoC4. Thus, the τ∗isoC4 and
N*isoC4 values reported in this paper are essentially free from isobutane readsorption
effects. N*isoC4 was determined by multiplying the formation rate of isobutane by τ∗isoC4
[16]. Unlike isobutane, reversible adsorption of n-butane was found to be insignificant for
all reaction conditions within experimental error (see Appendix E). Kim et al. [16]
suggested that the relatively high partial pressure of n-butane in the catalyst bed
minimizes n-butane readsorption.
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RESULTS AND DISCUSSION
Catalyst Characterization
The BET surface area and sulfur content of the fresh calcined SZ were measured
to be 137 m2/g and 1.89 wt% (590 µmol sulfur/g), respectively. XRD analysis showed
that ZrO2 was only in the tetragonal phase (see Appendix C). No sulfur compounds were
detected due to the low concentration of sulfur present.

The Continuous Addition of Various Olefins
It has been shown that the presence of 1-butene in the feed stream affects the
behavior of n-butane isomerization on SZ by shortening the induction period and
increasing the rate of catalyst deactivation [2, 3, 5]. Thus, ITKA was carried out for nbutane isomerization at 100oC as a function of TOS in the presence of 1-butene at an O/P
ratio of 0.012 which has been shown to be the optimum ratio for maximum enhancement
in isobutane formation rate [3]. The variations in isobutane formation rate, the average
surface residence time of the intermediates leading to isobutane (τ*isoC4), and the
concentration of active surface intermediates leading to isobutane (N*isoC4) at 100oC with
TOS (corrected for readsorption) in the presence and the absence of 1-butene addition are
shown in Figure 6.1.
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Formation Rate of Isobutane
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Figure 6.1 The effect of continuous 1-butene addition (O/P ratio = 0.012) on the surface
kinetic parameters with TOS at 100oC.
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In the absence of 1-butene addition, τ*isoC4 appeared to decrease somewhat with
TOS before reaching a steady-state value of 8.5 s at 20 min TOS, where the maximum
activity of the catalyst was exhibited (Figure 6.1). This suggests that the average site
activity of the catalyst (TOF*ITK, where TOF*ITK = RateisoC4/N*isoC4 ≈ 1/τ*isoC4) increased
at the beginning of reaction (first 20 min TOS). The initial decrease in τ*isoC4 obtained
when the catalyst was not exposed to added olefin is probably because of a greater
amount of butene being produced with TOS. Hammache and Goodwin [2] suggested that
butene (added or formed) is able to adsorb on catalytic sites and form olefin-modified
sites which contribute to the formation of isobutane. A variation of this idea, i.e., that nbutane isomerization on SZ requires some amount of butene to initiate the reaction has
also been suggested by others [2, 3, 5, 7, 13, 17].
Unlike without olefin addition, smaller τ*isoC4 values at the very beginning of the
induction period was observed when 1-butene were added to the reaction. τ*isoC4 was 5.5
s at 1.5 min but increased rapidly up to 8 s at 6 min TOS. Adding 1-butene was able to
lower τ*isoC4 while deactivation of catalyst was not severe. This suggests that the presence
of butene in the feed stream activated catalytic sites to promptly react with n-butane (or
rather butene formed from n-butane). Butene has been suggested to be formed via the
oxidative dehydrogenation of n-butane by sulfate groups where oxidizing and reducing
species are SO3 and SO2, respectively [7, 18]. However, τ*isoC4 was observed to increase
after the first 3 min of reaction. This was probably due to a higher participation of weaker
acid sites in overall reaction as a result of rapid catalyst deactivation of the most active
sites caused by the addition of 1-butene. Yaluris et al. [19] and Kim et al. [20] found that
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strong acid sites (i.e., sites with a higher activity contributing to a smaller τ*isoC4) tend to
deactivate at a faster rate compared to the less active ones. It has also been reported that
the deactivation rate constant for 1-butene addition at 100oC is 4 times higher than that
for the reaction without 1-butene addition [3].
Figure 6.1 clearly shows that the activity and deactivation behaviors of the
catalyst (i.e., the increase and the decrease in the formation rate of isobutane) were
primarily due to changes in N*isoC4.

With the addition of 1-butene, N*isoC4 was

significantly larger than in the absence of the added olefin. The larger values for N*isoC4
observed when 1-butene was added continuously (1.2 µmol/g at the maximum activity)
compared to in its absence (0.6 µmol/g) confirms the idea that added butene increases the
amount of olefin-modified sites by forming or activating additional active sites. N*isoC4,
however, went through a maximum value of 1.2 µmol/g at 6 min TOS and then
decreased, just like the overall rate of isobutane formation. A loss of active sites by
coke/oligomer formation has been reported to be the major cause of catalyst deactivation
for n-butane isomerization on SZ [9, 16, 21, 22]. In contrast, little significant change in
N*isoC4 was observed after 10 min TOS for the reaction without added olefin due to a
lower catalyst deactivation rate at this low reaction temperature.
ITKA measurements were also made for reaction with the addition of ethylene, 1propylene and 1-pentene in order to study what are the effects of olefin type on the
surface reaction parameters of the catalyst. Propylene, 1-butene and 1-pentene were
added at the optimum O/P ratios (0.009, 0.012 and 0.009, respectively) shown previously
to enhance catalyst activity the most [3]. Increasing the concentration of added olefins
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beyond these values only accelerates catalyst deactivation and lowers isobutane
selectivity. Ethylene was added at an O/P ratio of 0.003 since ethylene strongly promotes
activation and deactivation of the catalyst. Figure 6.2 shows that the activity of SZ for nbutane isomerization is increased by the addition of not only 1-butene but also ethylene,
propylene and 1-pentene. The enhanced maximum activity of the catalyst was observed
in varying degrees, depending on the type of added olefin. The increase in the activity for
isobutane observed during the addition of various olefins was much greater than a simple
conversion of the added olefin to isobutane. Adding ethylene significantly promoted the
activity of catalyst and rapidly shortened the induction period, whereas propylene, 1butene and 1-pentene showed a relatively comparable reaction rate profile with a 6-min
induction period at these reaction conditions prior to catalyst deactivation becoming
dominant.
As seen in Figure 6.2, olefins influence (in varying degrees) the maximum
catalyst activity. Thus, the study by ITKA was performed at the maximum isobutane
formation rate (i.e., 20, 1.5 and 6 min TOS for no olefin, ethylene, and propylene, 1butene and 1-pentene addition, respectively) and the results are shown in Table 6.1. At
the maximum reaction rate, τ*isoC4 was essentially constant, showing the same average
site activity (1/τ*isoC4), regardless of olefin addition (or not) or type of olefin added. This
reinforces the previous suggestion that any type of olefin (ethylene, propylene and 1pentene) besides butene is able to adsorb on the catalyst surface and to form olefinmodified sites [14]. Such sites have been proposed to be main centers of reaction that
could lead to the formation of oligomer when reacted with a butene (from n-butane)
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molecule. Those oligomeric species were hypothesized to be C6+, C7+, C8+ and C9+ due to
the dissimilarity among the olefin-modified sites (i.e., C2+, C3+, C4+ and C5+ from
ethylene, propylene, 1-butene, and 1-pentene addition, respectively). However, this work
shows that those active sites were kinetically identical with similar values of τ*isoC4 and
TOF*ITK, regardless of whether the olefin-modified sites were formed by different added

Formation Rate of Isobutane
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olefins or by butene produced during reaction.
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Figure 6.2 Isobutane formation rate at 100oC when ethylene, propylene, 1-butene and 1pentene were added continuously.
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Obviously, the increase in N*isoC4 observed during reaction with added olefins
appeared to be the main cause of the higher catalyst activities observed. As would be
expected, N*isoC4 was most enhanced by the addition of ethylene. Adding ethylene was
able to increase N*isoC4 to almost 3 times that extant in the absence of olefin addition and
2 times that produced by any other added olefin. Ethylene probably accomplished this by
rapidly populating and forming a greater number of active sites on the catalyst surface as
a result of a very high reactivity of the primary carbenium-ion-modified site produced by
the adsorption of ethylene. Table 6.1 also shows that the similarity in the isobutane
formation rate enhancement caused by the addition of propylene, 1-butene and 1-pentene
was due to having similar values of N*isoC4. N*isoC4 was observed to be similar probably
because of a similar reactivity of these 3 olefin to form secondary carbocations on the
acid sites. Although, experiments with different olefin concentrations were not performed
in this study, we believe, based on these results and those given in ref. [3], that N*isoC4
would decrease with higher olefin concentrations because of enhanced deactivation.
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Table 6.1 The effect of the continuous addition of various olefins on surface kinetic parameters at 100oC at maximum reaction
rate.
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a

Olefin

O/P
ratio

TOS
(min)

Rate isoC4 b
(µmol/g/s)

TOFsulfur c
(10-4 s-1)

N*isoC4 d
(µmol/g)

τ*isoC4e
(s)

TOF*ITK f
(10-1 s-1)

Nn-C4 g
(µmol/g)

θ*isoC4h/
sulfur
(10-3)

θn-C4i/
sulfur
(10-2)

none

-

20

0.083

1.41

0.7

8.5

1.18

14.5

1.2

2.5

C2=

0.003

1.5

0.235

3.98

1.9

7.9

1.27

14.0

3.2

2.4

C3=

0.009 a

6

0.152

2.58

1.2

8.0

1.25

14.0

2.1

2.4

1-C4=

0.012 a

6

0.155

2.63

1.2

8.0

1.25

15.0

2.1

2.6

1-C5=

0.009 a

6

0.159

2.69

1.3

8.3

1.20

14.8

2.2

2.5

The optimum olefin-to-paraffin ratio for the maximum isobutane formation rate.
Max error = ± 5%.
c
TOFsulfur = Rate isoC4 /(590 µmol sulfur/g); Max error = ± 5%
d
N*isoC4 = Rate isoC4 x τ*isoC4; Max error = ± 0.06 µmol/g.
e
Corrected τisoC4 due to isobutane readsorption by extrapolating to zero space time; Max error = ± 0.5 s.
f
TOF*ITK = 1/τ*isoC4 = Rate isoC4 / N*isoC4 ; Max error = ± 0.007 s-1.
g
Nn-C4 = flow rate n-C4 (2.55 µmol/g/s) x τ n-C4 (no significant readsorption of n-C4 in the catalyst bed determined);
Max error = ± 0.6 µmol/g.
h
θ*isoC4 = N*isoC4 /(590 µmol sulfur/g); Max error = ± 0.0009.
i
θn-C4 = Nn-C4 /(590 µmol sulfur/g); Max error = ± 0.0012.
b

The N*isoC4 value was observed to be very low compared to Nn-C4 (the
concentration of n-butane reversibly adsorbed) which was approximately 14.5 µmol/g of
catalyst. Only a fraction of the total adsorption sites (1.2 µmol/g or less than 10%)
contributed to the formation of isobutane. Nn-C4 was found to be relatively constant
within experiment error and was not affected by any olefin added. In addition, surface
coverages of sulfur (assuming all sulfur entities are accessible) by n-butane (θn-C4) and
isobutane (θ*isoC4) are shown in Table 6.1. It was found that probably only ca. 2.5% of
sulfur loading was utilized in the adsorption of n-butane (θn-C4), which was an order of
magnitude higher than θ*isoC4.

Initial 2 min Addition of Olefins
The positive effect on the formation rate of isobutane when olefins were fed
continuously to the reaction was overwhelmed long term by more rapid catalyst
deactivation. Thus, to minimize this negative impact of added olefin, propylene, 1-butene
and 1-pentene were added to the reaction at 100oC only for the first 2 min of reaction.
The addition of ethylene during the initial 2 min of reaction was not carried out in this
study since ethylene considerably increased the catalyst activity and significantly
promoted the deactivation of catalyst in less than 2 min (see Figure 6.2). The effect of an
initial 2 min addition of the other various olefins on the formation rate of isobutane is
shown in Figure 6.3. Although the flow of olefin was introduced to the feed stream for
only 2 min at the beginning of reaction and then terminated, a higher isobutane formation
was still observed compared to the case where no olefin was added. The 2-min initial

- 106 -

addition of these 3 olefins also exhibited similar effects on the catalyst activity as
observed when they were added continuously. To gain more insight into how olefins
promote catalyst activity after their addition is terminated, ITKA measurements were
made for the reaction at 2 different TOS (i.e., 5 and 11 min) prior to significant catalyst
deactivation. The measurement at 11 min of reaction was chosen to provide the ITKA

Formation Rate of Isobutane
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results at the maximum catalyst activity.
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Figure 6.3 Isobutane formation rate at 100oC when propylene, 1-butene and 1-pentene
were added during the first 2 min of reaction at the optimum O/P ratio (O/P ratio = 0.009
for C3= and 1-C5=, and 0.012 for C4=).
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A comparison of ITKA results at 5 and 11 min TOS between the reaction with
and without the initial 2 min addition of olefins (propylene, 1-butene and 1-pentene) is
shown in Table 6.2. Adding olefin only during the initial 2 min of reaction resulted in the
same effect on τ*isoC4 just like the continuous addition of olefins, regardless of the type of
olefin. Taking into account experimental error, τ*isoC4 remained unchanged with TOS
during the induction period for 2-min olefin addition. There was no difference in the
intrinsic site activity among the reactions with the addition of these 3 olefins. These
values (τ*isoC4) were observed to be similar to those when the catalyst was continuously
exposed to added olefins within experimental error. This indicates that the average site
activity was influenced by neither olefin type nor its addition.
Similar values of N*isoC4 appeared to be the cause for the similar catalyst activities
observed for reaction with 2-min propylene, 1-butene and 1-pentene additions, but these
values were slightly lower than those when olefins were added continuously. Similarly to
continuous 1-butene addition, ITKA done prior to where catalyst deactivation became
dominant showed that N*isoC4 increased with TOS during the induction period for every
added olefin. Although the isotopic tracing measurements were performed after the fed
olefins were stopped, a larger N*isoC4 compared to the reaction without added olefin was
still obtained. This suggests that these additional active sites were activated probably by
butene formed from n-butane or perhaps slowly by olefins fed during the first 2 min of
reaction. Olefin-modified sites have been shown to be able to last multiple reaction
cycles, giving rise to a long-lasting impact of olefin addition on the catalyst. Each added
butene molecule has been reported to result in more than 10-700 additional isobutane
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molecules, depending on reaction conditions [2, 3, 8]. Tabora and Davis [8] reported that
at least 10 excess isobutane was produced per a molecule of added trans-2-butene on iron
and manganese promoted SZ during n-butane isomerization at 100°C while Hammache
and Goodwin [2] found this value to be 700 when the reaction was carried out at 150oC
with the addition of 1-butene.

Table 6.2 The effect of initial 2 min addition of various olefins on surface kinetic
parameters at 100oC for 5 min TOS.

Olefin

O/P ratio a

Rate isoC4 b
(µmol/g/s)

N*isoC4c
(µmol/g)

τ*isoC4 d
(s)

Nn-C4 e
(µmol/g)

none

-

0.016

0.2

13.2

14.3

C3=

0.009

0.092

0.8

8.2

16.8

1-C4=

0.012

0.091

0.8

9.1

14.5

1-C5=

0.009

0.088

0.7

8.3

15.0

a

The optimum olefin-to-paraffin ratio for the maximum isobutane formation rate.
Max error = ± 5%.
c
N*isoC4 = Rate isoC4 x τ*isoC4; Max error = ± 0.04 µmol/g.
d
Corrected τisoC4 due to isobutane readsorption by extrapolating to zero space time.
Max error = ± 0.3 s.
e
N n-C4 = flow rate n-C4 (2.55 µmol/g/s) x τn-C4 (no significant readsorption of n-C4 in the
catalyst bed determined). Max error = ± 1 µmol/g.
b
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CONCLUSIONS
Our earlier proposed mechanism [14] that the active sites for n-butane
isomerization on SZ can be activated by any olefin is strongly confirmed by a similar
impact of olefin additions on surface reaction parameters such as TOF*ITK (1/τ*isoC4) and
the concentration of active surface intermediates (N*isoC4). At the maximum reaction rate,
τ*isoC4 was observed to be essentially equal for all continuously added olefins (ethylene,
propylene, 1-butene and 1-pentene) within experimental error. An increase in the
concentration of active surface intermediates leading to isobutane (N*isoC4) with the
addition of various olefins was shown to be the cause of the enhanced catalyst activity
observed. N*isoC4 was most increased by the addition of ethylene, resulting in the highest
maximum formation rate of isobutane. The value of N*isoC4 at the maximum rate was
similar for the addition of propylene, 1-butene and 1-pentene, resulting in similar rate
maxima. As expected, the increase in N*isoC4 caused by initial-2-min olefin additions
was lower than with the continuous addition of the olefins. However, although the fed
olefins were terminated at least 3 min prior to the isotopic tracing measurements, a larger
N*isoC4 was still observed compared to the case without olefin addition, regardless of the
type of olefin added. This reinforces our previous suggestion that olefin-modified sites
can be formed by any olefin at the beginning of reaction induction period and be able to
last multiple reaction cycles. Certainly, the fact that the addition of 1-butene was able to
lower the τ*isoC4 value at early stages of the induction period lends credence to the widely
held belief that, in the absence of added olefins, n-butane isomerization requires the
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formation of butene and an accumulation of surface intermediates to carry out the
reaction.
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CHAPTER SEVEN
FE-BASED FISCHER TROPSCH SYNTHESIS CATALYSIS CONTAINING
CARBIDE-FORMING TRANSITION METAL PROMOTERS
[As published in Journal of Catalysis 255 (2008), 104-113]

Although the impacts of promoters such as K and Cu on the activity of Fe
catalysts have been extensively studied, surprisingly, the effects of many other potential
promoters for Fe catalysts similar to the commercial Ruhrchemie catalyst have not been
significantly investigated or compared directly in a comprehensive study reported in the
literature. In this study, the impact of adding variety of different transition metals (Cr,
Mn, Mo, Ta, V, W, and Zr) on the catalytic properties of precipitated bulk Fe-based
catalysts was investigated using the same preparation method and reaction conditions. All
the Fe catalysts prepared in this study exhibited high BET surface areas with excellent
metal distributions. The addition of the third metal in addition of Fe and Cu (all except
W) increased the activity of the Fe catalyst for CO hydrogenation and for the water-gas
shift (WGS) reaction, with Cr-, Mn- and Zr-promoted Fe-based catalysts exhibiting the
highest catalytic activities. However, hydrocarbon selectivity was not affected by the
presence or type of added third metal. The enhanced activity of the Fe catalyst by third
metal promotion (with the exception of Mn and Zr) appears to have been primarily due to
a higher degree of Fe dispersion on the surface of catalyst whereas the higher activities
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observed for Mn- and Zr-promoted Fe catalysts were especially due to higher TOFchem
values based on CO chemisorption.

INTRODUCTION
Gasification followed by Fischer-Tropsch synthesis (FTS) is an established
technological route for upgrading natural gas, coal, and biomass to liquid fuels and other
chemical products. Fe and Co catalysts are currently utilized in industrial practice.
Although Fe catalysts are not as active as Co-based catalysts, they show high water-gas
shift (WGS) activity, which makes Fe catalysts more suitable for the conversion of low
H2/CO ratio syngas derived from coal or biomass [1, 2]. Commercial-grade Fe catalysts
for FTS typically consist initially of bulk Fe oxide promoted with Cu (a reduction
promoter), K (a chemical promoter) and SiO2 (a structural promoter). Adding Cu to Fe
catalysts facilitates reduction of Fe2O3 to Fe3O4 or metallic Fe [1, 3]. The addition of
SiO2 is used to increase the surface area of the catalyst and to improve its attrition
resistance, which is needed for FTS in a slurry phase reactor [3, 4]. Longer chain
hydrocarbon products and better olefin selectivities are promoted by the addition of K [1,
2].
A number of studies have shown that the addition of transition metals can result in
an enhancement of the activity of Fe-based FTS catalysts. Mn-promoted Fe catalysts
(FeMn where Mn < 15%), for instance, showed higher light olefin (C2-C4) formation
compared to unpromoted Fe catalysts [5-8]. Mo-promoted Fe supported on activated
carbon also showed significant catalytic stability [9]. An increased catalytic activity was
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observed for FeOOH supported on ZrO2 [10]. Adding Cr enhanced the selectivity of
precipitated Fe catalysts for longer chain hydrocarbon products [11].
Several research groups have suggested based on evidence that Fe carbides, not
metallic Fe, play a critical role in the activity of Fe-based catalysts for FTS [12-15]. If
so, the active sites of Fe-based FTS catalysts should most probably exist in a carburized
state on the surface. Therefore, it seems that the ability of the Fe catalyst to maintain a
carburized surface could be the key to increase and maintain its long-term activity. The
addition of another transition metal to bulk Fe catalysts could result in improved catalyst
activity if it were to help maintain or gave rise to the formation of more active carbide
species.
To date, surprisingly, there appears to have been little or no study of the impact of
a wide variety of different transition metals such as Cr, Mn, Mo, Ta, V, W and Zr on the
catalytic properties of bulk Fe-based catalysts having similar preparation methods and
reaction conditions. Although the impact of added Mo [9] or Mn [5, 7, 8, 16, 17] on the
activity of Fe catalysts has been studied, none of them, to the best of the authors’
knowledge, were done on an Fe-based catalyst containing Cu and SiO2 similar to a
commercial Ruhrchemie catalyst, a standard in the FTS area. The study of the effect of
added Zr on Fe FTS catalysts has also been only modestly studied [18]. Most of such
studies have focused on catalyst systems where Zr has been used as a support (ZrO2) [19,
20]. In addition, fundamental studies of the impact of Cr, Ta, V, or W addition on the
activity of Fe-based FTS catalysts have not been reported thus far, although some patents
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have claimed the use of Cr and V as promoters for Fischer-Tropsch synthesis catalysts
[11, 21].
In this work, transition metals such as Cr, Mn, Mo, Ta, V, W and Zr, which are all
known to form metal carbides [2], were added to a series of Fe-based catalysts with the
general formulations of 100Fe/5Cu/17Si and 95Fe/5Me/5Cu/17Si, where Me was the
third metal present in addition of Fe and Cu (i.e., Cr, Mo, Mn, Ta, V, W or Zr). Metals
able to form carbides were hypothesized to have the potential for interesting interactions
with Fe since Fe carbide formation occurs during FTS. The formation of mixed metal
carbides could even be possible. In order to distinguish more clearly the effects of Me, K
promotion was not used for any of the catalysts here. The catalysts were investigated
using CO hydrogenation and various characterization techniques. Catalytic activities and
selectivities for hydrocarbon products were compared to those for the benchmark
catalyst, 100Fe/5Cu/17Si, without third metal promotion.

EXPERIMENTAL
Catalyst preparation
Catalysts for FTS were prepared according to the general formulations of
100Fe/5Cu/17Si (benchmark catalyst) and 95Fe/5Me/5Cu/17Si (third metal-promoted Fe
catalysts) where Me indicates the third transition metal (Cr, Mn, Mo, Ta, V, W or Zr).
Compositions are all given on a relative atom basis.
The catalysts (100Fe/5Cu/17Si and 95Fe/5Me/5Cu/17Si) were prepared using a
pH precipitation technique [22]. For the 100Fe/5Cu/17Si catalyst, Fe(NO3)3·9H2O (~0.6
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M) and CuN2O6·3H2O were first dissolved together in 60 ml of H2O while
tetraethylorthosilicate (Si(OC2H5)4, TEOS) was dissolved in 40 ml of propanol. The
solutions were mixed together and 100 ml of final solution was obtained. The final
solution was then heated to 83 ± 3°C.

Subsequently, aqueous NH4OH (∼2.7 M)

preheated to 83 ± 3°C was continuously added into the solution containing Fe, Cu, and Si
precursors under vigorous stirring until precipitation. The resulting pH after formation of
a precipitate was 8-9. The precipitate was aged in a vessel at room temperature for 17 h
and then thoroughly washed with 1.3-1.5 liters of deionized water to remove excess NH3
until the pH of the washed H2O was 7-8. The washed precipitate was dried in an oven for
18-24 h at 110°C to remove excess water. After drying, the catalyst precursor was
calcined in static air at 300°C for 5 h, then cooled to room temperature over a 2-h period
in a muffle furnace. The fresh calcined catalyst was sieved < 90 µm before reaction
testing and other characterizations.
Similarly, 95Fe/5Me/5Cu/17Si catalysts were prepared using the same procedure
as the 100Fe/5Cu/17Si catalyst except that Cr(NO3)3, Mn(NO3)2, MoO3, Ta(OC2H5)5,
V(C5H7O2)3, WCl6, or ZrO(NO3)2 (as the precursor for Cr, Mn, Mo, Ta, V, W, or Zr,
respectively) was dissolved in either the solution of Fe and Cu (in 60 ml of H2O) or the
solution of Si(OC2H5)4 (in 40 ml of propanol), depending on its solubility properties.
Then the two solutions were mixed to obtain the final solution of 100 ml which was then
heated to 83 ± 3°C. The following steps were then the same as those for the preparation
of the 100Fe/5Cu/17Si catalyst. For the W-promoted Fe catalyst, the catalyst was washed
4 times with hot deionized water (90oC) after calcination in order to remove any
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remaining Cl- impurity from the precursor [23]. Catalyst nomenclatures used are 100Fe,
FeCr, FeMn, FeMo, FeTa, FeV, FeW and FeZr for the benchmark and Cr-, Mn-, Mo-,
Ta-, V-, W- and Zr-promoted Fe catalysts, respectively.

Catalyst Characterization
Physical Adsorption
BET surface areas, pore volumes and average pore diameters were determined by
N2 physisorption at 77 K using a Micromeritics ASAP 2020 automated system. A 0.3 g
catalyst sample was degassed at 100°C for 1 h and then heated at 10oC/min to 300°C and
held for 2 h prior to analysis.

Catalyst Composition
Elemental analysis was performed to determine the elemental composition of the
fresh calcined catalysts and the carbon content of the catalysts after reaction using an
inductively coupled plasma optical emission spectrometry (ICP-OES) and the
combustion method, respectively. These analyses were done by Galbraith Laboratories
Inc. (Knoxville, TN). Elemental compositions of the prepared Fe catalysts as determined
by ICP-OES were found to be the expected values within an error of ±10%.
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X-Ray Diffraction (XRD)
The XRD spectra of the catalysts were collected using a Scintag 2000 x-ray
diffractometer with monochromatized Cu Kα radiation (40 kV, 40 mA) and a Ge detector
with a step scan mode at a scan rate of 0.005° (2θ) per second from 10-90°.

Scanning Electron Microscopy (SEM)
and Energy Dispersive X-Ray Spectroscopy (EDX)
The morphologies of the catalyst samples and the elemental concentrations of the
catalyst surfaces as well as elemental distributions were studied using SEM and EDX,
respectively. SEM and EDX were performed using a Hitachi FESEM-S4800 under the
scanning electron (SE) mode. The accelerating voltage was 20 kV with a working
distance of 14 mm.

Passivation
Characterization of the catalysts after reaction required proper passivation before
exposure to the air. This procedure was necessary to prevent rapid oxidation of the
catalyst upon exposure to O2 in the air when being removed from the reactor. Passivation
was done by introducing a flow of 40 cc/min of 2% O2 in He to the catalyst at 35oC.
During passivation, the temperature of the catalyst samples generally increased about 57oC then decreased back to the original temperature. When properly performed,
passivation leads to only a few nm of an oxide layer on the surface of the catalyst
particles [24].
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Temperature-Programmed Reduction (TPR)
TPR was performed using an Altamira AMI-1 system to determine reducibility of
the calcined Fe catalysts. The catalysts (0.1 g) were reduced in a flow of 5% H2/Ar (30
cc/min) with a ramp rate of 2oC/min to 800oC. %Fe reducibility was also determined for
the reduction procedure used before reaction by ramping the temperature to 280oC at
2oC/min and then holding for 12 h prior to increasing the temperature to 800oC. A
thermal conductivity detector (TCD) was used to measure H2 consumption. The detector
output was calibrated based upon 100% reducibility of Ag2O powder, and a H2O trap was
used to remove H2O produced during the reduction.

CO Chemisorption
CO chemisorption was performed using a Micromeritics ASAP 2010 automated
system. Prior to CO chemisorption, 0.1 g of fresh calcined catalyst was evacuated to 10−6
mm Hg at 100oC for 30 min; then, it was reduced under flowing H2 at 280oC for 12 h
(2oC/min). The catalyst was evacuated again at 280oC for 60 min to desorb any H2. The
chemisorption analysis was carried out at 35oC. An average CO:Fes stoichiometry of 1:2
was assumed [25].

Reaction Kinetic Measurements
Fischer-Tropsch reaction was carried out in a quartz micro-reactor (i.d.= 8 mm)
with a maximum conversion below 10% in order to minimize temperature and
concentration gradients. A catalyst (0.1 g) was pretreated (reduced) in situ at 280oC under
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30 cc/min of H2 (National Specialty Gases, Zero Grade) for 12 h (the temperature was
ramped at 2oC/min). After pretreatment, the catalyst was flushed with 30 cc/min of He
(National Specialty Gases, UHP) for 15 min prior to reaction. The reaction was carried
out at 280oC and a constant pressure of 1.8 atm. The total flow rate of the reaction
mixture was kept constant at 60 cc/min (STP) which consisted of 5 cc/min of 95% CO +
5% Ar (National Specialty Gases) and 10 cc/min of H2 in a balance of He to produce a
H2:CO ratio of 2:1. The reaction line and sampling valves were maintained at 230oC with
heating tape to avoid condensation of higher hydrocarbon products. The effluent samples
were analyzed using a Varian 3700 GC equipped with an AT-Q 30m x 0.53 mm Heliflex
capillary column with a flame ionization detector (FID) for hydrocarbon detection and
with a Carbosphere 80/100 6’x 1/8”x 0.085” SS packed column with a thermal
conductivity detector (TCD) for CO and CO2 detection.
The reaction carried out in this study was free from heat or mass transfer
limitations. No internal or external mass transfer limitations were detected when particle
size of the Fe catalyst (38 – 140 µm) and total flow rate (60-100 cc/min) were varied,
respectively. The apparent activation energies (Ea) of the reaction for Fe catalysts were
determined by plotting reaction rate vs. 1/T. All Ea values were found to be 93-108
kJ/mol over a temperature range of 260-300oC, similar to what has been reported in the
literature [17, 26]. All experimental rate measurements were reproducible within a
maximum error of ± 5%.
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RESULTS AND DISCUSSION
Catalyst Characterization
BET Measurements
The BET surface areas, pore volumes and pore sizes of the catalysts as prepared
are shown in Table 7.1. Me-promoted Fe catalysts showed lower average pore sizes but
slightly higher BET surface areas than those of the benchmark catalyst (100Fe), with the
exception of W, which exhibited the lowest surface area.

Table 7.1 BET surface area, pore volume and pore size of the Fe-based catalysts.

BET S.A.b
(m2/g)

Pore volume b
(cm3/g)

Average poreb
size (A)

100Fe

329

0.34

42

FeCr

351

0.29

33

FeMn

354

0.33

38

FeMo

342

0.27

32

FeTa

341

0.29

34

FeV

338

0.26

30

FeW

295

0.25

34

FeZr

350

0.29

33

Catalyst

a
b

a

All catalysts also contain 5Cu and 17Si.
Max error = ± 5%.
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XRD
There were no discernible diffraction peaks for any oxide phases of Fe, Cu or Me
for the fresh calcined catalysts (see Appendix C). This indicates that all catalysts were
XRD amorphous having average oxide crystallite sizes < 4-5 nm based on the
wavelength of Cu Kα radiation. In this sense, precipitated SiO2 must have been well
dispersed throughout the catalysts causing the average crystallite sizes of even the major
component Fe oxides to be very small.

SEM and EDX
Catalyst granule morphologies for the 100Fe catalyst observed using SEM are
shown in Figure 7.1. In general, catalyst granules were faceted and irregular shaped with
some uneven surfaces. No difference in granule morphologies among the catalysts with
different metals was observed. Although SEM reveals that the diameters of the catalyst
granules were in the range of 10 – 60 µm (Figure 7.1), all Fe catalysts were XRD
amorphous. This suggests that catalyst granules as observed by SEM must have
composed of thousands of very small Fe oxide crystallites bound together. It has been
suggested that the presence of SiO2 increases the surface area of precipitated Fe catalysts
by preventing the sintering of Fe2O3 crystallites [1] and acting as the binding agent [4].
Therefore, very high BET surface areas of catalysts were obtained.

- 124 -

Figure 7.1 SEM micrograph of the 100Fe catalyst.

EDX mapping was used to analyze the elemental distribution on the surface of
catalyst particles. As seen in Figures 7.2 (a) and (b) for the benchmark 100Fe and FeMn
catalysts, respectively, all particles of the catalysts contain primarily ca. 60% Fe (bulk Fe
catalysts). All elements were also well distributed on the catalyst particle surface without
any obvious segregation.
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(a)

126

(b)
Figure 7.2 SEM micrograph and EDX mapping of fresh calcined (a) 100Fe and (b)
FeMn granules.
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Temperature-Programmed Reduction (TPR)
A comparison of TPR results for all Fe catalysts and a pure Fe2O3 powder
(reference) is shown in Figure 7.3. It is reasonable to assume that only the Fe2O3 phase
was primarily present after calcination based on the similar TPR profiles for all the Fe
catalysts prepared in this study. Previous work in our lab has shown that only Fe2O3 is
able to be detected after calcination of a similar catalyst system [27]. Comparing the TPR
profiles of the calcined Fe-based catalysts and the pure Fe2O3 powder, it can clearly be
seen that the presence of Cu (in all catalysts) facilitates the reducibility of the Fe as is
well known [2, 3, 28]. Figure 7.3 reveals that all the catalysts showed 2 distinct peaks at
temperatures of approx. 215oC and 600oC. It has been suggested that the reduction of
Fe2O3 occurs via 2 main steps: Fe2O3 → Fe3O4 → Fe. These two elementary reactions
have been assigned to the first and second peaks in the TPR profiles, respectively [29,
30].
In order to be able to determine the amount of Fe reduced prior to reaction, the
most important reducibility number, TPR was carried out using a similar reduction
procedure as used before reaction (i.e., pretreatment in a flow of H2 at 280oC for 12 h).
After ramping the temperature 2oC/min to 280oC, the temperature was held at 280oC for
12 h before being ramped up to 800oC. Figure 7.4 clearly shows that holding 100Fe at
280oC for 12 h did not increase the reducibility of Fe. Therefore, only the first reduction
peak during TPR accounts for the reduction of Fe under the standard reduction procedure
used. %Fe reducibility in Table 7.2, therefore, was calculated only from the first TPR
peaks shown in Figure 7.3 and represents the degree of reducibility of the catalysts prior
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to chemisorption or reaction. In this complicated catalyst system containing multiple
metals, the calculation of %reducibility of Fe was based on an assumption of only the
reduction of Fe2O3 → Fe since it is likely that some Fe2O3 could be reduced to Fe3O4 and
then Fe rapidly for small Fe crystallites with the presence of Cu. This is not absolutely
correct and should only be considered as an approximation.

280oC

605oC

Relative H2 consumption (a.u.)

FeZr

FeW
FeV
FeTa

FeMo
FeMn
FeCr
100Fe
100Fe hold at 280oC

pure Fe2O3
0

150

300

450

600

750

Temperature (oC)
Figure 7.3 TPR profiles of the fresh calcined Fe-based catalysts.
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Figure 7.4 The TPR profile of 100Fe with a 12 h hold at 280oC.

Table 7.2 shows that the promotion of Fe catalyst with a third metal did not
increase the reducibility of Fe, resulting in relatively the same Fe reducibility of about
32-39%. However, adding a third metal had an impact on the reduction peak
temperatures which varied depending upon the added third metal. The reduction peak
temperature of FeCr was shifted to a lower temperature at about 207oC but those for
FeMn and FeV were delayed to 241oC and 249oC, respectively. It has been suggested by
Lee et al. [31] that MnO can stabilize Fe2+, thus delaying the reduction of Fe3+ to Fe0 to a
higher temperature. The higher reduction temperature observed for FeV could have been
due to an incorporation of V into the Fe oxide structure as has been suggested by Junior
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et al. [32]. In contrast, the addition of Mo did not show any impact on the reducibility of
Fe, resulting in relatively the same value as the benchmark 100Fe catalyst. Although the
study of Ma et al. [9] has shown that Fe supported on activated carbon catalyst was less
reduced when Mo was added, this divergence in results may have been due to difference
in catalyst compositions or preparation methods.

Table 7.2 Results from TPR and CO-Chemisorption on the Fe-based catalysts studied.

H2-TPR
Catalyst a

CO-Chemisorption

Peak temperature b
(oC)

Fe Reducibility c
(%)

Total CO
chemisorbed d
(µmol/g)

Fe Dispersion e
(%)

100Fe

215

35

120

2.6

FeCr

207

39

232

5.3

FeMn

241

33

155

3.5

FeMo

228

36

148

3.6

FeTa

215

35

139

3.4

FeV

249

36

157

3.8

FeW

222

32

107

2.6

FeZr

215

37

169

3.9

a

All catalysts also contain 5Cu and 17Si.
Max error = ± 2%.
c
%Fe reduced during standard reduction (280oC for 12h). Max error = ± 5%.
d
Determined by extrapolating the total chemisorption isotherm to zero pressure.
Max error ± 3%.
e
Based on total CO chemisorbed, %Dispersion = 2 x total CO chemisorbed / total
number of Fe atoms.
b
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CO Chemisorption
Table 7.2 also shows total amounts of CO chemisorbed and %Fe dispersion. The
amount of chemisorbed CO and %dispersion of 100Fe were 120 µmol/g and 2.6%,
respectively. For all third metal-promoted Fe catalysts (except W), these values were in
the range of 139-234 µmol/g and 3.4-5.4 %, respectively, which were significantly higher
than those of 100Fe. FeCr exhibited by far the highest amount of chemisorbed CO and,
consequently, the highest %Fe dispersion (i.e., 2 times higher than that of 100Fe). It is
unlikely that this could be significantly affected by chemisorption of CO on Cr since only
19 µmol/g of CO was estimated to chemisorb on Cr (i.e., by extrapolating the total
amount of CO chemisorbed on 100Cr/5Cu/17Si with no Fe present and reduced at 280oC
for 12 h to at a composition of 5Cr). Thus, it would appear that adding a third metal
promoted the dispersion of Fe. The only exception was the catalyst containing W where
the dispersion of Fe was not improved, showing relatively the same amount of CO
chemisorption as the benchmark 100Fe catalyst.

Catalyst Activities
Activities of the prepared Fe-based catalysts for FTS were determined at 280oC
and a H2/CO ratio of 2:1 and are shown in Figures 7.5 and 7.6 for CO hydrogenation and
the WGS reaction, respectively. The catalysts were reduced in H2 prior to the reaction as
H2-pretreated Fe catalysts have been shown to give the highest CO conversion rate [27].
Due to detectability limitations, we were unable to follow hydrocarbon products larger
than C8 since the operational reaction conversion was maintained below 10%.
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Formation Rate of Total Hydrocarbons
(µmol of carbon/g/s)
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FeCr
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Figure 7.5 Formation rates of hydrocarbons (C1-C8) at 280oC with the addition of various
transition metals.

Interestingly, induction periods were observed for both reactions (CO
hydrogenation and WGS reaction) catalyzed by the Fe catalysts. During this period, the
activity of catalysts increased to a maximum before declining due to deactivation to a
pseudo-steady-state level. Figure 7.5 shows that the length of the induction periods for
CO hydrogenation on all Fe catalysts was found to be identical (ca. 15 min) but it varied
from 15-30 min for the WGS reaction (Figure 7.6). This divergence between induction
periods for the two reactions also supports the postulation that different sites are actually
involved in their respective catalysis. Van der Laan and Beenackers [33] proposed that Fe
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carbides are the active phase for hydrocarbon formation whereas Fe3O4 is involved in
WGS reaction.

Formation Rate of CO2
(µmol/g/s)

1.4
100Fe
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0

60

120

180

240

300

360

TOS (min)
Figure 7.6 Formation rates of CO2 at 280oC with the addition of various transition
metals.

It has been suggested that an increase in the activity of a precipitated bulk Fe FTS
catalyst during the induction period is due to an increase in the conversion of α-Fe to Fe
carbides [14]. From this standpoint, the addition of a third transition metal may have
assisted the carburization rate of Fe leading to a higher hydrocarbon formation rate and
α during the early stages of reaction. The existence of the reaction induction period for a
similar 100Fe/5Cu/4.2K/11SiO2 catalyst pretreated under H2 has also been reported by
Sudsakorn et al. [27]. Their results, based on steady state isotopic transient kinetic
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analysis (SSITKA), showed that an increase in the number of active surface intermediates
caused the existence of the induction period.
The addition of the third transition metal to the Fe-based catalyst improved FTS
catalyst activities for both CO hydrogenation (Figure 7.5) and WGS reaction (Figure 7.6)
in different degrees, depending on the third metal added. Overall, the catalyst activities
were in the order FeMn > FeZr > FeCr > FeV > FeTa > FeMo > 100Fe > FeW. Activity
improvement was not observed for W addition. This was not due to Cl- poisoning (from
the precursor, WCl6, used) since a FeW catalyst prepared using a non-Cl containing
precursor, (NH4)2WO4, gave similar activity results (see Appendix F). Therefore, the low
activity of the FeW catalyst was likely a combination of its lower surface area and lower
Fe dispersion.
The addition of Cr, Mn and Zr enhanced the catalyst activities for CO
hydrogenation and the WGS reaction the most. At maximum catalyst activity, the
formation rates of total hydrocarbons and CO2 were about 2-3 times higher than those of
the benchmark catalyst (100Fe). The activity of FeMn for CO hydrogenation was very
stable and remained higher than that of FeCr and FeZr. It has been suggested that adding
Mn to Fe-based catalysts increases the carburization of Fe [8] and the stabilization of the
surface active carbonaceous species [17] which could have partly been a cause of the
high activity and stability observed for Mn-promoted Fe catalysts. In addition, the
addition of Cr and Zr appear to promote the WGS activity of Fe catalyst the most (Figure
7.6). Fe2O3/Cr2O3 catalysts have been well known to carry out WGS reaction [34] while
the ability of ZrO2 to decompose H2O into active H and O species that could translate
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into a slightly greater surface concentration of H on this catalyst might in part explain the
enhancement in the WGS activity of FeZr observed [10].
A summary of reaction rates, TOFchems, %hydrocarbon selectivities, and %C2-C4
olefin selectivities for the Me-promoted and the benchmark Fe catalysts are reported in
Table 7.3.

The activities of the catalysts at their maxima were used to calculate

TOFchems. Although the results from CO chemisorption in Table 7.2 showed that %Fe
dispersion of FeMn and FeZr was significantly lower than that of FeCr, the activities of
these 2 catalysts were indistinguishable from those of FeCr (Figs 5 and 6). The results in
Table 7.3 suggest that the higher activities observed for the FeMn and FeZr catalysts
were possibly due to higher TOFchem values (0.008 – 0.009 s-1). On the contrary, based on
the CO chemisorption and TOF results (Tables 7.2 and 7.3), the greater overall activity
observed for FeCr, FeMo, FeTa, and FeV may have been just due to a greater number of
Fe sites being present.
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Table 7.3 Activities and selectivities for the Fe-based catalysts.

Catalyst
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a

Maximum rate b
(µmol of C/g/s)

SS rate b, c
(µmol of C/g/s)

CO2

total
HC

CO2

total
HC

100Fe

0.50

0.78

0.13

0.43

FeCr

1.14

1.59

0.25

FeMn

0.99

1.58

FeMo

0.64

FeTa

Maximum
TOFchem d
(s-1) x 102

%Hydrocarbon Selectivity at SS b, c, e
%Olefin at
SS (C2-C4) b,c
C1

C2

C3

C4

C5-C8

0.55

27

29

23

16

5

74

0.52

0.59

29

26

25

13

7

75

0.24

0.72

0.83

29

26

22

18

6

82

0.88

0.19

0.39

0.51

28

27

25

14

6

72

0.61

0.95

0.12

0.38

0.56

28

27

25

14

6

74

FeV

0.76

1.09

0.21

0.47

0.59

29

27

25

13

6

72

FeW

0.25

0.53

0.11

0.33

0.37

29

28

26

13

4

68

FeZr

1.27

1.77

0.24

0.61

0.90

28

26

23

21

2

81

All catalysts also contain 5Cu and 17Si.
Max error = ± 5%.
c
At 300 min TOS.
d
Calculated from TOFchem = reaction rate (at the maximum activity)/amount CO chemisorbed. Max error = ± 10%.
e
Based on atomic carbon.
b

Table 7.3 also reveals that the %selectivity for hydrocarbons was not greatly
affected by the presence of the third metal, showing relatively the same values as those of
100Fe. %Selectivity for CH4, C3 (propylene and propane) and C4 (n-butane, butene, and
isobutane) hydrocarbons remained unchanged with TOS, while %C2-C4 olefins (ethylene,
propylene and butene) increased with TOS for all catalysts. The changes in %selectivity
of low-molecular-weight hydrocarbons, C2 (ethane), C2= (ethylene), C3 (propane) and C3=
(propylene), with TOS for the benchmark 100Fe, FeCr, FeMn and FeZr are shown in
Figure 7.7. %Selectivity for propylene gradually increased, but the selectivity for
ethylene increased even more significantly. On the other hand, ethane and propane
selectivities slightly decreased with TOS. The increase in propylene selectivity was
balanced by the decrease in propane selectivity, thus giving rise to a constant selectivity
for C3 (propylene and propane) hydrocarbons. This trend was observed for all catalysts
studied here; (the results for only the 3 most active catalysts and the benchmark 100Fe
catalyst are shown in Figure 7.7 to make the figure easier to read).

- 138 -

30
FeCr
FeMn
FeZr
100Fe

% Selectivity

25

C3

=

20
C2

15

=

C2
10
5

C3

0
0

60

120

180

240

300

360

TOS (min)
Figure 7.7 The %selectivities for C2=, C2, C3= and C3 at 280oC for the FeCr, FeMn, and
FeZr catalysts.

Changes in the chain growth probability (α) with TOS of various Fe FTS catalysts
are plotted in Figure 7.8. The chain growth probability was initially higher with third
metal promotion (except for W) compared to the benchmark catalyst (100Fe). However,
after 5 h TOS, all catalysts exhibited similar values of α equivalent to that initially
observed for 100Fe which was about 0.35. An accurate measure of the chain growth
probability of FeW could not be obtained due to its low activity; thus, Figure 7.8 does not
include the α values for FeW. It has been shown that a decrease in the number of
potential Fe sites is the cause of catalyst deactivation as determined by SSITKA (steady

- 139 -

state isotopic transient kinetic analysis) [27]. As the catalyst deactivated, there were less
sites available for ethylene to readsorb and participate in the chain growth [35, 36]. Thus,
the increase in the formation of ethylene could have resulted as a consequence of the
decrease in α at long TOS.

0.6
15 min (Max)
5 h (SS)

0.5

α

0.4
0.3
0.2
0.1
0.0
100Fe

FeCr

FeMn

FeMo

FeTa

FeV

FeZr

Catalyst

Figure 7.8 Calculated chain growth probabilities (α) with TOS for the various Fe-based
catalysts.

The amount of carbon deposition on the surface of the benchmark catalyst
(100Fe) as a function of TOS was determined and is shown in Figure 7.9. During the first
2 h of reaction, significant amounts of carbon loss from the product stream were
determined by mass balance analysis. The amount of carbon consumed (CO conversion)
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was found to be greater than that of the total carbon in the gaseous products detected
(CO2 and hydrocarbon products), as shown in Figure 7.9. Therefore, by determining the
area between the carbon consumption (CO) and total carbon production (CO2 + total
hydrocarbons) curves in Figure 7.9, the amount of carbon deposited on 100Fe was
obtained and plotted as a function of TOS (Figure 7.9). These values are essentially
identical with those obtained using carbon elemental analysis. Thus, it can be concluded
that the loss in carbon from the product stream was due to the irreversible deposition of
carbon on the surface of the catalyst, some of which must have been involved in the
formation of Fe carbides, as suggested to be active reaction phases for FTS [12, 14, 37].

14

2.5

CO consumption
total C production
Elemental analysis for C (bulk)
C deposition from difference
between CO consumed and
HCs produced (bulk)
EDX analysis of C (surface)

2.0
1.5
1.0
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10
8
6
4

0.5

2

0.0

0
0
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240
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Carbon content (wt%)

Rate (µmol carbon/g/s)

3.0
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TOS (min)
Figure 7.9 A comparison of CO consumption, total carbon production, and the catalyst
carbon content with TOS for the 100Fe catalyst.
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Significant amounts of deposited carbon on the catalyst surface were also
observed using EDX. This surface carbon concentration was found to be 2 times greater
than the bulk carbon concentration obtained from elemental analysis and curve
integration (Figure 7.9). The carbon determined by EDX can be considered as carbon on
or within a few nm of the surface. Carbon deposition determined by elemental analysis
and curve integration of reaction data represents carbon deposition for the whole catalyst
(bulk concentrations). EDX results clearly show that large amounts of carbon remained
on the catalyst surface after the first hour of reaction and were significantly higher than
that in the bulk. Based on the results shown in Figure 7.9, carburization of metallic Fe
takes place most probably during the first 1-2 h of reaction, as also reported by
Niemantsverdriet et al. [14].

CONCLUSIONS
The addition of a third transition metal (Cr, Mo, Mn, Ta, V or Zr) to FeCu-based
FTS catalysts increased the catalyst activity for both CO hydrogenation and WGS activity
in varying degrees. The addition of W, however, led to lower activity. The dispersion of
Fe was enhanced by the addition of all metals studied with the exception of W. Cr, Mn
and Zr appear to be the best able to enhance the activity of Fe-based catalysts. WGS
activities of these 3 catalysts (FeCr, FeMn and FeZr) were shown to be superior;
therefore, they should be able to catalyze FTS under lower H2/CO ratio syngas derived
from biomass or coal.
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The high activity observed for the Fe-based catalyst with Cr, Mo, Ta, and V
addition was likely due to better Fe dispersions. The high catalytic activities for Mn- and
Zr-promoted Fe catalysts, on the other hand, may have been due more to higher intrinsic
site activities, as estimated by TOFchem based on CO chemisorption. The selectivities for
hydrocarbons and the chain growth probability (α) were not significantly affected,
especially at pseudo-steady state, by the addition of any third transition metal.
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CHAPTER EIGHT
IMPACT OF CR, MN AND ZR ADDITION ON FE FISCHER-TROPSCH
SYNTHESIS CATALYSIS: INVESTIGATION AT THE
ACTIVE SITE LEVEL USING SSITKA
[As In press in Journal of Catalysis 2008]

Recently, we have reported that Cr, Mn, or Zr promotion of a precipitated Cupromoted Fe Fischer-Tropsch synthesis (FTS) catalyst significantly improves its catalytic
activity. In this study, steady-state isotopic transient kinetic analysis (SSITKA) of
methanation was utilized to investigate the activity of these catalysts at the site level
allowing a better understanding of how this promotion increases the activity of catalyst.
The activity of the base Fe catalyst was enhanced by promotion with Cr, Mn, and Zr in
varying degrees, depending upon the type of added metal and its concentration. The
addition of these 3rd metals promoted the dispersion of Fe but did not affect significantly
either the BET surface area or %reducibility. The activities of the reaction sites
(estimated by 1/τCH4 = TOFITK) were found to be similar, regardless of the type of added
3rd metal, suggesting that the active sites for Fe catalysts with or without 3rd metal
promotion were essentially identical. The higher catalyst activities observed for the Cr,
Mn, and Zr-promoted Fe catalysts were found to be primarily the result of an increase in
the number of active surface intermediates leading to hydrocarbon product.
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INTRODUCTION
Due to a limited supply and the unpredictable price of crude oil, attention has
focused on other energy sources, such as coal, natural gas and biomass. The U.S. has
25% of the world’s coal reserves which is sufficient to supply most of the U.S. liquid
transportation fuel needs for more than 100 years using Fischer-Tropsch synthesis (FTS)
[1]. FTS provides an excellent means to upgrade low-value coal and biomass to high
value liquid fuels which are environmentally friendly with no sulfur contamination [2, 3].
A high water-gas shift (WGS) activity catalyst is required to utilize low H2/CO ratio
syngas derived from coal or biomass.
Fe-based catalysts have a great potential to convert low H2 source syngas to fuels
via FTS due to their high water-gas-shift (WGS) activity and their low cost compared to
Co-based catalysts. Development of Fe catalysts having high FTS activity, low methane
selectivity, and long-term stability is of great importance. It has been shown that the
addition of some transition metals to Fe-based FTS catalysts improves the activity and
selectivity. An increase in the chain growth probability and catalyst activity was reported
when Cr was added to a precipitated Fe catalyst [4]. Very stable activities and high
selectivities to light olefin formation were observed for Mn-promoted Fe catalysts [5-8].
A positive impact of other transition metals such as Mo, Ta, V and Zr on the catalyst
activities for both CO hydrogenation and WGS activity has also been reported [8].
The impact of added Cr [4], Mn [5, 6, 9] or Zr [10] on the activity of Fe FTS
catalysts has been previously noted. Recent work by us in a comparative study of 3rd
metal promotion has also shown that the addition of Cr, Mn, and Zr significantly
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enhances the activity of a typical precipitated Cu- and SiO2- promoted Fe catalyst [8].
However, little is known about how Cr, Mn or Zr promotion affects the kinetic nature of
the Fe catalyst active sites. Most investigations have utilized ex situ characterization
techniques to measure physicochemical properties of the catalysts at conditions far from
reaction conditions. Speculation on the nature of the active sites during reaction from
such results potentially contains significant error.

However, steady state isotopic

transient kinetic analysis (SSITKA) is a technique that can provide in situ surface kinetic
information about reaction on a catalyst under real reaction conditions. In the study
reported in this paper, SSITKA was used to determine the concentration of active surface
intermediates leading to product and the intrinsic site activities of the catalysts in order to
develop a better understanding of how Cr, Mn and Zr influence the activity of Fe
catalysts. The effect of varying Cr, Mn and Zr concentration on the activity of the catalyst
for both CO hydrogenation and the WGS reaction was also explored.

EXPERIMENTAL
Catalyst preparation
Catalysts were prepared using a pH precipitation technique [11] according to the
general formulations of 100Fe/5Cu/17Si (base catalyst) and (100-x)Fe/xMe/5Cu/17Si (on
an atomic basis) where Me is Cr, Mn or Zr and x is 20 or smaller. The details about the
catalyst preparation method used in this study can be found elsewhere [8]. Briefly, a
mixed aqueous solution containing Fe(NO3)3·9H2O, CuN2O6·3H2O, and Si(OC2H5)4
without a 3rd metal species for 100Fe/5Cu/17Si and with a 3rd metal species [Cr(NO3)3,
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Mn(NO3)2, or ZrO(NO3)2] for (100-x)Fe/xMe/5Cu/17Si was precipitated with NH4OH at
83°C to achieve a pH of 8-9. The precipitate was aged at room temperature for 17 h and
then thoroughly washed with deionized water. The washed precipitate was dried at 110oC
for 18-24 h and calcined in air at 300°C for 5 h. The catalysts were sieved to be < 90 µm.
Catalyst nomenclatures used are 100Fe, 97Fe3Cr, 95Fe5Cr, 93Fe7Cr, 90Fe10Cr,
95Fe5Mn, 93Fe7Mn, 90Fe10Mn, 80Fe20Mn, 97Fe3Zr, 95Fe5Zr, 90Fe10Zr, and
86Fe14Zr for the benchmark and Cr-promoted Fe catalysts at 3, 5, 7, and 10 atomic% of
Cr, Mn-promoted Fe catalysts at 5, 7, 10, and 20 atomic% of Mn, and Zr-promoted Fe
catalysts at 3, 5, 10, and 14 atomic% of Zr, respectively. Metal atomic% is based on
100Fe for the benchmark catalyst. Total (Fe + the 3rd metal) atomic% is 100. General
catalyst nomenclatures for Cr-, Mn-, Zr-, and third metal-promoted Fe catalysts are FeCr,
FeMn, FeZr, and FeMe, respectively.

Catalyst Characterization
BET surface area
N2 physisorption at 77 K was used to determine the BET surface areas using a
Micromeritics ASAP 2020 automated system. A sample of 0.3 g was degassed at 100°C
for 1 h and then the temperature was ramped to 300°C (10oC/min) and held for 2 h prior
to N2 adsorption.
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Catalyst Composition
Carbon content of catalysts after reaction and elemental composition of the fresh
calcined catalysts were analyzed using a combustion method and inductively coupled
plasma optical emission spectrometry (ICP-OES), respectively, by Galbraith Laboratories
Inc. (Knoxville, TN). Passivation was performed for spent catalysts before being
removed from the reactor to prevent rapid oxidation upon exposure to air by introducing
a flow of 40 cc/min of 2% O2 in He to the catalyst bed at ca. 35oC. During passivation,
an increase in catalyst temperature of about 5-7oC was observed. The passivation was
complete once the temperature of catalyst bed decreased back to the original temperature.

X-Ray Diffraction (XRD)
Powder XRD was carried out to determine the crystallinity of fresh calcined
catalysts using a Scintag 2000 x-ray diffractometer with monochromatized Cu Kα
radiation (40 kV, 40 mA) and a Ge detector. A step scan mode was used at a scan rate of
0.02° (2θ) per second from 10-80°.

Scanning Electron Microscopy (SEM)
and Energy Dispersive X-Ray Spectroscopy (EDX)
The morphologies of the catalyst samples and the elemental distributions and
concentrations of the exterior catalyst particle surfaces were studied using SEM and
EDX, respectively. SEM and EDX were performed using a Hitachi FESEM-S4800 under
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the scanning electron (SE) mode. The accelerating voltage was 20 kV with a working
distance of 14 mm.

Temperature-Programmed Reduction (TPR)
H2 TPR (ambient to 800oC at 2oC/min) was carried out to measure the reducibility
of Fe using an Altamira AMI-1 system. A 0.1 g of fresh calcined sample was reduced in a
flow of 30 cc/min of 5% H2/Ar. A variation on TPR was also done in which the
temperature was increased to 280oC (2oC/min) and held there for 12 h in order to mimic
the reduction conditions used before reaction. Then the temperature was increased to
800oC at 2oC/min and the additional H2 consumed detected. The amount of H2
consumption was determined by a thermal conductivity detector (TCD) and was
calibrated based upon 100% reducibility of Ag2O powder using the same heating rate. A
cold trap was placed before the TCD detector to trap H2O produced during the TPR
process.

CO Chemisorption
The concentration of surface metal atoms was determined using CO
chemisorption in a Micromeritics ASAP 2010 automated system. A 0.1g sample of a
freshly calcined catalyst was first evacuated to 10−6 mm Hg at 100oC for 30 min and then
was reduced under flowing H2 by ramping at 2oC/min to 280oC and holding for 12 h. The
catalyst was then evacuated at 280oC for 60 min to desorb H2. CO chemisorption was
carried out at 35oC. An average CO:Fes stoichiometry of 1:2 was assumed [12].
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Reaction Kinetic Measurements
The reaction was carried out in a differential quartz micro-reactor with an i.d. = 8
mm. The reaction conversion was kept below 10% in order to minimize temperature and
concentration gradients. A 35–100 mg sample of catalyst was reduced in situ at 280oC
(after ramping at 2oC/min) under 30 cc/min of H2 (National Specialty Gases, Zero Grade)
for 12 h. After that, 30 cc/min of He (National Specialty Gases, UHP) was used to purge
the catalyst for 15 min prior to reaction at 280oC and a constant pressure of 1.8 atm. The
total flow rate of the reaction mixture was kept constant at 60 cc/min (STP) containing 5
cc/min of 95% CO + 5% Ar (National Specialty Gases) and 10 cc/min of H2 in a balance
of He to obtain a H2:CO ratio of 2:1. The reaction effluent line and the sampling valves
were maintained at 200oC with heating tapes to avoid condensation of higher
hydrocarbon products. The effluent samples were analyzed using a Varian 3700 GC
equipped with a AT-Q 30m x 0.53 mm Heliflex capillary column with a flame ionization
detector (FID) for hydrocarbon detection and with a Carbosphere 80/100 6’x1/8”x 0.085”
SS packed column with a thermal conductivity detector (TCD) for CO and CO2 detection.

Steady-State Isotopic Transient Kinetic Analysis (SSITKA)
SSIIKA was performed by switching 12CO (containing 5% Ar) and 13CO (Isotec,
99%) without disturbing the other reaction conditions using a Valco 2-position valve with
an electric actuator. The total flow rate and reaction pressure of these 2 feed streams were
identical during the switch. A small trace of Ar was present in the unlabelled 12CO stream
in order to measure the gas-phase holdup for the reaction system. The reaction was
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carried out at the same conditions as given above except that a H2:CO ratio of 20:1 was
used in order to obtain CH4 as the primary product. The reaction mixture, thus, consisted
of 1.5 cc/min of 95% CO + 5% Ar, 30 cc/min of H2 and 28.5 cc/min of He. The effluent
gas was analyzed online by a Varian 3700 GC and a Balzers-Pfeiffer Prisma 200 amu
quadrupole mass spectrometer (MS) (Pfeiffer Vacuum) via a 1/16 inch capillary tube
with differential pumping. The gas inlet-line to the MS was designed as short as possible
to minimize gas phase holdup in the system and was heated to 150oC in order to avoid the
deposition of any heavy hydrocarbon products. The MS was equipped with a high-speed
data-acquisition system interfaced to a personal computer using Balzers Quadstar 422 v
6.0 software (Balzers Instruments).

Surface kinetic parameters, the average surface

residence time of CH4 and of CO (τCH4 and τCO), and the active surface concentrations of
CHx (leading to CH4) and of CO (NCH4 and NCO), were determined from the isotopic
transients using SSITKA data analysis software [13, 14].

RESULTS AND DISCUSSION
Catalyst Characterization
BET surface area
BET surface areas of the catalysts are shown in Table 8.1. Slightly higher BET
surface areas (0-14%) for the Fe catalysts with Cr, Mn or Zr promotion than that of the
benchmark 100Fe were observed. Taking into account experimental error, the BET
surface areas of the Zr-promoted Fe catalysts were essentially identical to that of 100Fe.
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For the Cr- and Mn-promoted catalysts, the BET surface areas were overall larger than
that of 100Fe, with those of FeMn being the greatest.

Table 8.1 BET surface area and elemental composition of the various Fe-based catalysts.

Catalyst a

BET S.A.
(m2/g)

Me/Fe atomic ratio c

b

Bulk d

Particle Surface e

100Fe

329

0

0

97Fe3Cr

346

0.030

0.036

95Fe5Cr

354

0.053

0.054

93Fe7Cr

358

0.074

0.076

90Fe10Cr

331

0.098

0.117

95Fe5Mn

354

0.050

0.066

93Fe7Mn

361

0.074

0.072

90Fe10Mn

365

0.107

0.099

80Fe20Mn

381

0.218

0.241

97Fe3Zr

335

0.034

0.040

95Fe5Zr

337

0.063

0.069

90Fe10Zr

339

0.133

0.140

86Fe14Zr

328

0.176

0.170

a

All catalysts also contained 5Cu and 17Si.
Max error = ± 5%.
c
Me = Cr, Mn, or Zr.
d
ICP-OES results. Max error = ± 5%.
e
EDX results. Max error = ± 8%.
b
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XRD
XRD results for all the fresh calcined and spent Fe catalysts showed no
discernible diffraction peaks for any oxide or metal phases of Fe, Cr, Mn, Zr or Cu (see
Appendix C). This suggests that all catalysts were XRD amorphous due to small
crystallites of the various metals and metal oxides.

SEM and EDX
Catalyst granule morphologies and the elemental distribution on the surface of the
freshly calcined 90Fe10Zr particles observed using SEM and EDX are shown in Figures.
8.1 and 8.2, respectively. Catalyst particles were irregular shaped with facets and were
similar for all the catalysts. Although Cr, Mn, and Zr were added at relatively high
concentrations, they did not interfere with the distribution of the other elements. All
elements contained in the catalyst were well dispersed evenly over all the Fe catalyst
particles without any obvious segregation. Based on the XRD results that all Fe catalysts
were XRD amorphous, catalyst particles as seen by SEM must have been composed of
thousands of very small Fe oxide crystallites bound together but prevented from sintering
by SiO2 [15] which also acted as a binding agent [16]. Thus, higher BET surface areas
were obtained compared to a typical precipitated Fe catalyst with no SiO2 present [17].
In addition, by comparing the ratio of Me/Fe present in the bulk and on the surface of the
catalyst particles as determined using ICP-OES and EDX, respectively (Table 8.1), it is
apparent that the distribution of the 3rd metal (Me) and Fe was uniform (i.e., the ratio of
Me/Fe on the particle surface was similar to that of the bulk composition).
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Figure 8.1 SEM micrographs of calcined 90Fe10Zr.
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Figure 8.2 EDX mapping of a calcined 90Fe10Zr particle.
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Temperature-Programmed Reduction (TPR)
TPR profiles of Fe catalysts with the addition of Cr, Mn and Zr are shown in
Figures 8.3 (a), (b), and (c), respectively. No significant difference in the reduction
behavior was detected among the Fe catalysts with and without third metal promotion.
All the catalysts showed similar reduction peaks as those of a pure Fe2O3 powder but at
lower reduction temperatures due to the presence of Cu (i.e., Cu is well known to
facilitate the reduction of Fe [2, 18]). Two distinct reduction peaks at around 215-280oC
and 605oC were observed and are assigned to the reduction of Fe2O3 → Fe3O4 and Fe3O4
→ Fe, respectively [19, 20]. Obtaining an absolute value of %Fe reducibility for a
complicated catalyst system containing multiple metals, not to mention the multiple oxide
phases of Fe possible, is not straightforward. Since it is possible that some Fe2O3 could
have been reduced to Fe3O4 and then rapidly to Fe in the presence of Cu, the calculation
of %reducibility of Fe was based on an assumption of Fe2O3 being reduced to Fe0.
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Figure 8.3 TPR profiles of calcined (a) Cr-, (b) Mn-, and (c) Zr-promoted Fe catalysts at
various % loadings of the 3rd metal.

Previous work [8] showed that only reduction equivalent to the first TPR
reduction peak of Fe was obtained during standard reduction conditions (i.e., ramping to
280oC at 2oC/min and holding for 12h) used prior to reaction. Therefore, reducibility
results reported in Table 8.2 include only those determined from the first reduction peak.
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It was found that %reducibility of Fe was in the range of 32-39% and was affected by
neither the type of added metal nor its concentration. However, reduction peak
temperatures did vary slightly among the catalysts with different types of added metal
and different concentrations. For example, the reduction peak temperature for the FeCr
catalysts shifted to higher values and a small shoulder peak at ~210oC became more
noticeable with increasing %Cr loading [Figure 8.3 (a)]. Comparing the small shoulder
peak at 210oC of 90Fe10Cr with a reduction peak temperature of a 100Cr/5Cu/17Si
sample [no Fe present, see Figure 8.3 (a)] at 215oC, it appears likely that the presence of
this small shoulder peak may have been due to the partial reduction of Cr2O3 [21].
A shift of the first reduction peak to higher temperatures was also observed for the
Mn-promoted Fe catalysts [Figure 8.3 (b)]. This apparently suggests that Fe was harder to
reduce in the presence of Mn which may be due to the ability of MnO to stabilize Fe2+
[22-24]. The existence of mixed oxide phases between Fe3O4 and Mn3O4 has been
reported for a FeMn catalyst (without Cu or Si present) and has been suggested to inhibit
the migration of Fe cations to the surface of catalyst during reduction, causing Fe to be
less reduced [23]. On the other hand, the reduction process of Fe was not influenced by
the addition of Zr [Figure 8.3 (c)]. Essentially, the same %Fe reducibilities and reduction
peak temperatures were observed for all Zr-promoted Fe catalysts.
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Table 8.2 Results from TPR and CO-Chemisorption for the Fe-based catalysts.
H2-TPR (1st peak)
Catalyst a

CO-Chemisorption

Peak
temperatureb
(oC)

%Fe
Reducibility b,c

100Fe

220

97Fe3Cr

Total CO chemisorbedd
(µmol/g)

%Fe
Dispersiong

Uncorrected e

Corrected f

35

120

-

2.6

213

35

199

187

3.9

95Fe5Cr

212

39

252

232

5.3

93Fe7Cr

222

41

225

197

4.7

90Fe10Cr

242

39

197

174

3.9

95Fe5Mn

241

33

160

155

3.5

93Fe7Mn

249

34

164

156

3.6

90Fe10Mn

251

36

164

154

3.6

80Fe20Mn

278

32

158

140

3.6

97Fe3Zr

222

34

156

150

3.4

95Fe5Zr

217

37

180

169

3.9

90Fe10Zr

229

36

212

191

4.8

86Fe14Zr

227

35

246

220

5.8

a

All catalysts also contained 5Cu and 17Si.
Max error = ± 2%.
c
%Fe reduced in 1st TPR peak. Equivalent to %Fe reduced during standard reduction.
d
Determined by extrapolating the total chemisorption isotherm to zero pressure.
e
Total amount of CO chemisorbed without the correction of that on Cr, Mn, or Zr.
Max error ± 3%.
f
The contribution of CO chemisorption on Cr, Mn or Zr has been subtracted.
Max error ± 5%.
g
Based on total CO chemisorbed (corrected), CO/Fes = 0.5, %Dispersion = 2 x corrected
total CO chemisorbed / total number of Fe atoms. Max error ± 8%.
b
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A shift of the first reduction peak to higher temperatures was also observed for the
Mn-promoted Fe catalysts [Figure 8.3 (b)]. This apparently suggests that Fe was harder to
reduce in the presence of Mn which may be due to the ability of MnO to stabilize Fe2+
[22-24]. The existence of mixed oxide phases between Fe3O4 and Mn3O4 has been
reported for a FeMn catalyst (without Cu or Si present) and has been suggested to inhibit
the migration of Fe cations to the surface of catalyst during reduction, causing Fe to be
less reduced [23]. On the other hand, the reduction process of Fe was not influenced by
the addition of Zr [Figure 8.3 (c)]. Essentially, the same %Fe reducibilities and reduction
peak temperatures were observed for all Zr-promoted Fe catalysts.

CO-Chemisorption
The impact of Cr, Mn and Zr addition on the total amounts of CO chemisorbed
and %Fe dispersion is reported in Table 8.2. The amounts of CO chemisorbed were in the
range of 174-232, 140-156, and 150-220 µmol/g for FeCr, FeMn, and FeZr, respectively.
Since both Fe and the 3rd metal can potentially chemisorb CO, a contribution from
chemisorption of CO on Cr, Mn or Zr was possible. In order to determine this magnitude,
CO chemisorption was performed on reduced 100Cr/5Cu/17Si, 100Mn/5Cu/17Si, and
100Zr/5Cu/17Si (no Fe present) using the same procedure as for the 100Fe and FeMe
samples. Table 8.2 reports both total amounts of CO chemisorbed, uncorrected and
corrected, for the FeMe catalysts. These quantities, corrected for the specific amount of
Cr, Mn or Zr were used to estimate the amount of CO chemisorption on the Fe present in
the FeMe catalysts.
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Fe catalysts with Cr, Mn or Zr promotion exhibited higher amounts of CO
chemisorbed and %Fe dispersion than the benchmark 100Fe catalyst, regardless of the
third metal loading. %Fe dispersion of 100Fe was 2.6% while it was in the range of 3.45.8 % for the Me-promoted Fe catalysts. These results clearly show that Fe was more
highly dispersed in the presence of Cr, Mn or Zr. However, the degree of Fe dispersion
enhancement varied depending upon the type of added metal and its concentration. The
optimum content of added Cr for total CO chemisorption and Fe dispersion was ca. 5
atomic%. Some surface Fe atoms may have been covered by added Cr at high
concentration leading to a loss in some of the Fe active chemisorption sites and a lower
amount of CO chemisorbed. A drop in BET surface area was also observed when Cr was
added > 7 atomic% (Table 8.1). On the other hand, the amount of surface-exposed Fe
appeared to increase with increasing %Zr loading whereas it was independent of %Mn
loading, showing relatively the same Fe dispersion for all the Mn-promoted Fe catalysts.

Catalyst Activities
Fischer-Tropsch Synthesis (FTS)
Activities for FTS of Fe-based catalysts with varying concentrations of added Cr,
Mn, or Zr were investigated at 280oC, 1.8 atm, and a H2/CO ratio of 2:1. Previous work
[8] has shown that the reaction under these conditions and on these catalysts is free from
heat or mass transfer limitations. The activities of the Fe catalysts with Cr, Mn and Zr
promotion are shown in Figures 8.4, 8.5 and 8.6, respectively, for (a) CO hydrogenation
and (b) the WGS reaction. The activities of all the Fe catalysts went through similar
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induction periods for both reactions, regardless of the type or the concentration of added
metal. This induction period took approx. 15 min TOS at these reaction conditions. The
existence of the reaction induction period has been reported to be due to the time required
for the conversion of α-Fe to Fe carbides [25].
Figures 8.4 (a) and (b) clearly shows that adding Cr at low concentrations (3-7
atomic%) had a positive impact on the activities of the catalysts, but higher loadings
resulted in less activity. Adding Cr at 5 atomic% was found to be the optimum
concentration. The activity of FeCr appeared to be directly related to the amount of CO
chemisorbed (Table 8.2). The formation rates of hydrocarbon products and CO2, on the
other hand, increased with increasing Mn content to 20 atomic% (Figure 8.5). The
activities of the FeMn catalysts were at least twice as great as those observed for the
100Fe catalyst. The initial activities of the Fe catalyst for both CO hydrogenation and the
WGS reaction were significantly impacted by the concentration of added Zr (Figure 8.6).
The formation rate of hydrocarbons and CO2 during the induction period increased
considerably with increasing Zr content. 90Fe10Zr and 86Fe14Zr exhibited such high
initial activity that there appeared to be almost no induction period. However, the
optimum %loading of Zr was at 10 atomic% (i.e., hydrocarbon production rate of
86Fe14Zr was slightly lower than that of 90Fe10Zr). Berry et al. [26] has proposed that
Zr+4 can interact with O atoms of CO, thus weakening the C-O bond, and consequently,
increasing carbide formation. Although O’Brien et al. [10] reported that the addition of
Zr to an ultrafine Fe catalyst did not improve the catalyst activity, this divergence in
results may have been due to a difference in catalyst composition and/or preparation.
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Figure 8.4 Formation rates of (a) total hydrocarbons (C1-C8) and (b) CO2 for the Crpromoted Fe catalysts.
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Figure 8.5 Formation rates of (a) total hydrocarbons (C1-C8) and (b) CO2 for the Mnpromoted Fe catalysts.

- 169 -

Formation Rate of Total Hydrocarbons
(µmol of carbon/g/s)

2.5
100Fe
97Fe3Zr
95Fe5Zr
90Fe10Zr
86Fe14Zr

(a)

2.0

1.5

1.0

0.5

0.0

0

60

120

180

240

300

360

TOS (min)

(b)

1.8

(µmol/g/s)

Formation Rate of CO2

2.1

1.5

100Fe
97Fe3Zr
95Fe5Zr
90Fe10Zr
86Fe14Zr

1.2
0.9
0.6
0.3
0.0
0

60

120

180

240

300

360

TOS (min)
Figure 8.6 Formation rates of (a) total hydrocarbons (C1-C8) and (b) CO2 for the Zrpromoted catalysts.
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A summary of reaction rates, TOFchems (based on CO chemisorption),
%hydrocarbon selectivities on a carbon basis, %C2-C4 olefin (ethylene, propylene, and
butene) selectivities, and chain growth probabilities (α) of the various Fe-based catalysts
are shown in Table 8.3. The TOFchem for the FeMe catalysts increased in general with
increasing concentration. %Selectivity to hydrocarbons and α (ca. 0.32-0.37) were
similar for all catalysts, regardless of amount or type of added Me, within experimental
error. The selectivity for C2-C4 olefins was improved slightly by the addition of Mn or Zr.
The activities of FeMe at the optimum concentration of added metal (95Fe5Cr,
80Fe20Mn and 90Fe10Zr) are re-plotted for comparison purposes and are shown in
Figure 8.7. 90Fe10Zr initially exhibited the highest activities for CO hydrogenation and
the WGS reaction but rapidly deactivated and became less active at long TOS.
80Fe20Mn was the most active and stable catalyst overall. Jensen and Massoth [27] have
suggested that the promoting effect of Mn on the activity of Fe catalysts may be due to
the ability of Mn oxide to modify the electronic state of Fe by being an electron donor
like alkali metals. However, Herranz et al. [28] have proposed that active carbonaceous
intermediate species are stabilized by the presence of Mn.
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Table 8.3 Catalyst activities and selectivities for the Fe-based catalysts.

Catalyst

- 172 a

a

Maximum rateb
(µmol of C/g/s)

SS rateb,c
(µmol of C/g/s)

CO2

total
HC

CO2

total
HC

100Fe

0.50

0.78

0.13

0.43

97Fe3Cr

0.96

1.34

0.23

95Fe5Cr

1.14

1.59

93Fe7Cr

1.18

90Fe10Cr

Maximum
TOFchem d
(s-1) x 102

% Hydrocarbon Selectivity at SS b, c, e

%Olefinb, c
(C2-C4
fraction)

α b, c
(C3-C6)

C1

C2

C3

C4

C5-C8

0.53

27

29

23

16

5

74

0.35

0.50

0.62

29

28

25

13

6

74

0.35

0.25

0.52

0.59

29

26

25

13

8

75

0.36

1.56

0.24

0.50

0.69

28

26

25

13

8

75

0.37

0.87

1.26

0.16

0.36

0.66

26

28

31

12

4

77

0.36

95Fe5Mn

0.99

1.58

0.24

0.72

0.83

29

26

22

18

6

82

0.35

93Fe7Mn

1.10

1.64

0.28

0.73

0.88

29

25

21

18

6

83

0.33

90Fe10Mn

1.24

1.73

0.30

0.76

0.97

32

26

22

18

2

81

0.35

80Fe20Mn

1.28

1.78

0.35

0.80

1.09

34

26

22

16

2

83

0.33

97Fe3Zr

1.01

1.35

0.20

0.53

0.79

27

26

21

19

6

78

0.34

95Fe5Zr

1.27

1.77

0.24

0.57

0.90

28

26

23

21

2

81

0.32

90Fe10Zr

1.75

2.24

0.32

0.58

1.04

31

27

24

12

6

82

0.34

86Fe14Zr

2.07

2.05

0.28

0.55

0.94

29

25

21

19

5

85

0.35

All catalysts also contained 5Cu and 17Si.
Max error = ± 3%.
c
At steady-state (5 h TOS).
d
Calculated from TOFchem = reaction rate (at the maximum activity) / (2 x total CO chemisorbed). Max error = ± 10%.
e
Based on atomic carbon.
b
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Figure 8.7 Catalyst activities for (a) CO hydrogenation and (b) WGS at the optimum
concentrations of added Cr, Mn, and Zr.
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SSITKA (Steady State Isotopic Transient Kinetic Analysis)
An in-depth investigation was carried out using SSITKA in order to determine the
impact of Cr, Mn and Zr addition on the surface reaction kinetic parameters. In particular,
it was desired to know whether the average surface residence time for reaction
(τ, inversely related to the site TOF) or the number of active surface reaction
intermediates (N) or both were modified by the presence of these 3 metals. Due to the
fragmentation and overlapping among isotopically labeled hydrocarbon molecules
(especially higher hydrocarbons) that makes isotopic analysis directly by mass
spectrometer (MS) difficult, SSITKA was carried out under methanation conditions
where the ratio of H2:CO ratio was 20:1 in order to obtain CH4 as the primary product.
This is adequate for this study since the primary effect of the 3rd metals is on activity not
selectivity. The system set up and methods used to calculate the surface residence time
(τCH4) and the concentration of active surface intermediates (NCH4) can be found in detail
elsewhere [13, 14].
The formation rates of CH4 for 100Fe, 95Fe5Cr, 80Fe20Mn and 90Fe10Zr, where
Cr, Mn and Zr were added at the optimum concentration, are shown in Figure 8.8. As
expected, a higher catalytic activity with less deactivation was observed under a higher
partial pressure of H2 [29]. A positive impact of Cr, Mn and Zr addition on the activity of
the Fe catalyst was also observed. At 6 h TOS, the formation rate of CH4 for the FeMe
catalysts was at least double that for the base 100Fe catalyst. However, the degree of
increased activity seen for 80Fe20Mn was less than that of 95Fe5Cr and 90Fe10Zr while
the selectivity for CH4 among the 4 Fe catalysts were similar at about 55-61% (see
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Appendix D). This result is not, however, contradictory to those observed when the
reaction was carried out at a H2:CO ratio of 2:1 (where the activity of 80Fe20Mn was
higher than that of 95Fe5Cr and 90Fe10Zr). As can be seen in Figure 8.8, the reaction
rate was more stable on 80Fe20Mn and the rate was decreasing faster with TOS for
95Fe5Cr and 90Fe10Zr. Therefore, while it takes longer at a H2/CO ratio of 20 than at 2,
eventually, the activities of the 95Fe5Cr and 90Fe10Zr catalysts would fall below that of
the more stable 80Fe20Mn catalyst.
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Figure 8.8 Formation rates of CH4 during SSITKA on the various Fe-based catalysts
(with Cr, Mn and Zr at the optimum concentrations).
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The average surface residence times of CO (τCO) and CH4 (τCH4) were determined
using SSITKA. The concentrations of active surface intermediates of CO (NCO) and of
CH4 (NCH4) were calculated by NCO = τCO x (Flow RateCO) and NCH4 = τCH4 x (RateCH4)
[14]. The interpretation of τCO is not straightforward since τCO is an average surface
residence time over every CO molecule, but not all CO molecules adsorb on the catalyst
in a differential reactor with a high flow rate. In contrast, the interpretation of τCH4 is
more meaningful since every CH4 was formed on the catalyst. The intrinsic site activity
leading to CH4 can be estimated from 1/τCH4 = RateCH4/NCH4 = TOFITK.
TOFchem (CH4 formation) results calculated based on CO chemisorption at 35oC
were compared to TOFITK (CH4 formation) determined using SSITKA and are shown in
Figure 8.9. TOFchem values were found to be similar for 80Fe20Mn and 90Fe10Zr and
were higher than those of 95Fe5Cr and 100Fe. On the contrary, TOFITK values for all the
Fe catalysts were essentially similar, within experimental error. Since TOFITK is more
meaningful with regards to reaction on the active sites, this implies that the average site
activity of the Fe catalyst was not significantly altered by the presence of any 3rd metal
promoter, suggesting that the active sites may have also been identical on all the Fe
catalysts. Figure 8.9 also shows that the average site activity estimated using CO
chemisorption (TOFchem) was approximately an order of magnitude lower than that
determined using SSITKA (TOFITK), which is due to an overestimation of the number of
active reaction sites by CO chemisorption. This observation is in an agreement with
previous work in our research group [13, 30].
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Figure 8.9 Comparisons of TOFITK (from SSITKA) with TOFchem for the various Febased catalysts (with Cr, Mn and Zr at the optimum concentrations).
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A comparison of the number of active surface intermediates leading to CH4
(NCH4) with TOS for the Fe catalysts with or without added Cr, Mn or Zr at the optimum
concentrations is given in Figure 8.10. NCH4 for the 3rd metal-promoted Fe catalysts
(95Fe5Cr, 80Fe20Mn and 90Fe10Zr) was twice as much as that for 100Fe. These results
in conjunction with the results for site activity (1/τCH4 = TOFITK, Figure 8.9) lead us to
the conclusion that the enhanced activity of the Fe catalyst with 3rd metal promotion is
due primarily to an increase in the number of active surface intermediates. The positive
impact of the 3rd metal promotion on the concentration of active surface intermediates
could have been related to the greater number of surface-exposed Fe0 atoms seen for the
FeMe catalysts.
Figure 8.10 also shows that NCH4 significantly dropped with TOS before reaching
a steady state value after ca. 1 h of reaction. The decrease in NCH4 for 80Fe20Mn was not
as significant as that for 100Fe, 95Fe5Cr, and 90Fe10Zr, although its steady-state value
was similar to those of the initially more active 95Fe5Cr, and 90Fe10Zr. This result also
indicates the greater stability of the 80Fe20Mn catalyst. The decline in NCH4 could have
been due to site blockage by initial carbon deposition. It was found that significant
amounts of carbon deposited on the surface of the 80Fe20Mn catalyst during the initial
60 min TOS [64% of the amount of carbon deposited during 6 h of reaction (3.11
mmol/g)]. However, the surface concentration of reversibly adsorbed CO (NCO) under
reaction conditions actually increased slightly with TOS for all the various Fe catalysts
and did not appear to be affected by the carbon deposition. Fe catalysts with 3rd metal
promotion exhibited higher NCO values than that for 100Fe (see Figure 8.11).
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Figure 8.10 The concentration of active surface intermediates of CH4 (NCH4) vs. TOS on
the various Fe-based catalysts (with Cr, Mn and Zr at the optimum concentrations).

Comparing changes in catalyst rate of methanation and TOFITK (Figures 8.8 and
8.9), it appears likely that the existence of the induction period of reaction was due to an
increase in the average site activity of catalyst. Such an increase has been speculated to
be due to the formation of Fe carbides, suggested by many to be the active Fe phase for
Fischer-Tropsch synthesis [25, 31-33]. The length of the induction period may be
dependent upon CO concentration. Comparing the reaction rate profile of Fe catalysts at
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different H2:CO ratios, a longer induction period was required (from 15 min to 60 min
TOS) when PCO decreased (from 0.15 to 0.05 atm, i.e., a H2:CO ratio of 2:1 vs. 20:1).
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Figure 8.11 The concentration of active surface intermediates of CO (NCO) vs. TOS of
the various Fe-based catalysts (with Cr, Mn and Zr at the optimum concentrations).
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A calculated surface coverage of CH4 [θCH4 = NCH4 (determined using SSITKA)/
total amounts of CO chemisorption at 35oC] is shown in Figure 8.12. θCH4 initially
decreased during the first 60 min of reaction and remained constant with TOS thereafter.
A decrease in θCH4 could be explained by a site blockage by carbon deposition as
mentioned earlier. Figure 8.12 clearly shows that θCH4 accounted for only a small fraction
of the total amount of chemisorbed CO (i.e., θCH4 < 0.2) [30, 34, 35]. Thus, this suggests
that not every Fe site able to chemisorb CO was a potential reaction site. It is known that
the number of active surface intermediates determined using SSITKA is a better
indication of the true number of active sites than the number of surface-exposed metal
obtained by CO or H2 chemisorption [30, 34, 35].
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Figure 8.12 Surface coverage of CH4 during reaction for the various Fe catalysts.
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CONCLUSIONS
The addition of Cr, Mn, and Zr was shown to increase the activities of a
precipitated FeCuSiO2 catalyst for both CO hydrogenation and the WGS reaction and to
promote the dispersion of Fe. However, the BET surface area, %Fe reducibility,
%hydrocarbon selectivity and the chain growth probability (α) were not altered by the
presence of the 3rd metal or its concentration. The reaction site activities of the catalysts
(1/τCH4 = TOFITK) were observed to be similar, regardless of type of added 3rd metal,
indicating that promoting Fe catalysts with Cr, Mn or Zr did not have any impact on the
intrinsic site activity of the base catalyst and suggesting that the active sites were similar.
The high activity observed for the Cr-, Mn-, and Zr- promoted Fe catalysts appeared to be
due to a higher number of active surface intermediates leading to product and, by
inference, a greater number of active sites.
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CHAPTER NINE
EFFECT OF K PROMOTION OF FE AND FEMN FISCHER-TROPSCH
SYNTHESIS CATALYSTS AT THE SITE LEVEL USING SSITKA
[As submitted to Journal of Catalysis 2008]

Promoting a precipitated FeCuSiO2 catalyst with Mn has been shown to improve
significantly its catalytic activity for the Fischer-Tropsch synthesis (FTS). Although the
impact of K promotion on the activity of Fe catalysts with and without Mn addition has
been previously studied, no one has previously delineated how these different promoters
influence the concentration of active surface intermediates and the intrinsic site activity.
This paper addresses that issue using steady-state isotopic transient kinetic analysis
(SSITKA). Adding K at relatively low concentrations to the base Fe and Mn-promoted
Fe catalysts improved the catalyst activity, but the activity of the catalysts declined with
the addition of an excess amount. %Light olefins (C2-C4 fraction) and chain growth
probability (α) were enhanced as expected with the presence of K, regardless of Mn
addition. The addition of K decreased the BET surface area and the concentration of
surface exposed Fe0 atoms (as determined by CO chemisorption). The intrinsic site
activities (TOFITK) of all the Fe catalysts determined using SSITKA were essentially
identical, regardless of the concentration of added K or Mn promotion. This indicates that
adding K to unpromoted or Mn-promoted Fe catalysts did not greatly affect the activity
of the active sites. Rather, the higher catalyst activities observed for the Fe and Mn-
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promoted Fe catalysts with K addition were primarily due to an increase in the number of
active surface intermediates leading to hydrocarbon products.

INTRODUCTION
Fischer-Tropsch synthesis (FTS) is a well-known reaction and has been used
commercially for over 80 years. The synthesis involves the hydrogenation of CO to highvalue liquid hydrocarbon fuels and chemical products [1]. Use of biomass and coal as
raw materials for FTS is of great interest due to CO2 (a greenhouse gas) recycle and the
existence of large coal reserves in the U.S., respectively [2]. However, syngas derived
from biomass or coal has a H2/CO ratio significantly lower than 2 (the ratio needed for
hydrocarbon synthesis); thus, a high water-gas shift (WGS) activity catalyst is required to
provide additional H2 for the reaction. Bulk Fe catalysts are particularly useful for syngas
with low H2/CO ratios due to their high WGS activity and low cost, although they are
less active for FTS than Co-based catalysts [3].
A number of studies have indicated an improved activity and/or selectivity upon
the addition of transition metals to Fe-based FTS catalysts [4-7]. Our previous work
showed that the addition of various transition metals besides Cu, such as Zr, Cr, Mo, Mn,
Ta and V, greatly increases the catalyst activities for both CO hydrogenation and WGS
activity in varying degrees [8]. The addition of moderate amounts of Mn has been found
to promote the activity of Fe catalysts [8, 9], the formation of low-molecular weight
olefins [4, 5, 8, 9], higher hydrocarbon formation [10], and catalyst stability [4]. In
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addition, promotion of an Fe catalyst with small amounts of Mn has been shown to
improve the surface basicity and carburization of Fe [9, 10].
The impact of K addition on the performance of Fe FTS catalysts has been
extensively studied and is well established. K is known to promote the formation of
olefins and longer chain hydrocarbon molecules, the carburization of surface Fe, and the
suppression of CH4 formation [1, 3, 11-13]. K promotion strengthens the Fe-C bond by
increasing the electron density on Fe while weakening Fe-H and C-O bonds [13-15]. The
positive impact of K addition on the activity of Fe catalysts depends upon the level of
promotion [1, 3, 11-13]. Enhanced water-gas shift (WGS) activity of Fe catalysts upon K
promotion has also been observed [11, 12]. A similar impact of K promotion has been
reported for FeMn catalysts [10, 11, 16].
No studies to date have investigated the impact of K on the surface kinetic
properties (at the site level) of Fe and Mn-promoted Fe catalysts for CO hydrogenation.
In this study, steady-state isotopic transient kinetic analysis (SSITKA) was carried out to
determine the surface kinetic parameters at the site level of K-promoted FeCuSiO2 bulk
catalysts with and without Mn addition. In a previous study [8], an Fe catalyst promoted
with Mn having the formulation of 80Fe/20Mn/5Cu/17SiO2 was reported to give rise to
the highest catalyst activity among a variety of Fe catalysts with added transition metals,
so this formulation was used in this study for the Mn-promoted Fe catalyst. The impact of
varying K concentration on the activity of the Fe and Mn-promoted Fe catalysts was also
investigated.
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EXPERIMENTAL
Catalyst preparation
Catalysts were prepared using a pH precipitation technique [17], according to the
general formulation, 100Fe/5Cu/17Si/xK and 80Fe/20Mn/5Cu/17Si/xK (on relative
atomic basis, where Fe + Mn = 100) where x was 9 or smaller. The details of catalyst
preparation used in this study can be found elsewhere [8]. Briefly, a solution containing
Fe(NO3)3·9H2O, CuN2O6·3H2O, Si(OC2H5)4 with and without Mn(NO3)2 for Mnpromoted Fe (FeMn) and unpromoted Fe (100Fe) catalysts, respectively, was precipitated
with NH4OH at 83°C until the precipitate had a pH of 8-9. The precipitate was aged at
room temperature for 17 h then thoroughly washed with deionized water to get rid of
excess NH4OH. The washed precipitate was dried at 110oC for 18-24 h and was sieved <
90 µm before being calcined in air at 300°C for 5 h. In the case of K promotion, the Fe
catalysts after sieving were impregnated to incipient wetness with a KHCO3 solution to
give the desired K content. Subsequently, the catalysts were dried at 110oC for 4 h prior
to calcination at 300oC.
Catalyst nomenclatures used are 100Fe, 100FexK, FeMn and FeMnxK for the
benchmark catalyst, the K-promoted Fe catalyst at x atomic% (relative to the amount of
Fe), the Mn-promoted Fe catalyst with 20 atomic% (relative to the amount of Fe + Mn)
of Mn, and the K-promoted FeMn catalysts with 20 atomic% of Mn and x atomic%
(relative to the amount of Fe + Mn) of K, respectively. General catalyst nomenclatures
for K-promoted Fe and K-promoted FeMn catalysts are 100FeK and FeMnK,
respectively.
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Catalyst Characterization
BET surface area
The BET surface areas of catalysts were analyzed by N2 physisorption using a
Micromeritics ASAP 2020 automated system. A sample (0.3 g) was degassed under a
vacuum of 10-3 mm Hg at 100°C for 1 h and then the temperature was ramped to 300°C
(at 10oC/min) and held for 2 h prior to N2 physisorption at 77 K.

Catalyst Composition
Metal composition of the freshly calcined catalysts and carbon content of spent
catalysts were analyzed using inductively coupled plasma optical emission spectrometry
(ICP-OES) and a combustion method, respectively, by Galbraith Laboratories Inc.
(Knoxville, TN). Carbon content of the spent Fe catalysts was determined after the
catalyst was passivated with 40 cc/min of 2% O2 in He at room temperature. During
passivation, the temperature increased about 7oC; then, decreased back, indicating that
passivation was completed.

X-Ray Diffraction (XRD)
The crystallinity of prepared catalysts was studied using a Scintag 2000 x-ray
diffractometer with monochromatized Cu Kα radiation (40 kV, 40 mA) and a Ge detector.
A step scan mode was with a scan rate of 0.02° (2θ) per second from 10-90°.
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Scanning Electron Microscopy (SEM)
and Energy Dispersive X-Ray Spectroscopy (EDX)
The catalyst morphologies were studied using SEM. The elemental distributions
on the surface of catalyst particles were determined using EDX. SEM and EDX were
performed using a Hitachi FESEM-S4800 under the scanning electron (SE) mode. The
accelerating voltage was 20 kV with a working distance of 15 mm.

Temperature-Programmed Reduction (TPR)
The reducibility of Fe was determined by H2 TPR using an Altamira AMI-1
system. A sample of 0.1 g of the calcined catalyst was reduced in 5% H2/Ar (30cc/min)
and the temperature was increased from 35 to 800oC at 2oC/min. A thermal conductivity
detector (TCD) was used to measure H2 consumption and the detector output was
calibrated based upon 100% reducibility of Ag2O powder. A H2O trap was placed before
the TCD detector.

CO Chemisorption
CO chemisorption was performed using a Micromeritics ASAP 2010 automated
system to determine the number of active surface metal atoms. Prior to CO
chemisorption, 0.1 g of the calcined catalyst was first evacuated to 10−6 mm Hg at 100oC
for 30 min; then, it was reduced under flowing H2 at 280oC for 12 h (2oC/min). The
catalyst was evacuated at 280oC for 60 min to desorb any H2. The analysis was carried
out at 35oC. An average CO:Fes stoichiometry of 1:2 was assumed [18].
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Reaction Kinetic Measurements
Catalytic measurements were carried out in a quartz micro-reactor with an i.d. of
8 mm. The reaction conversion was kept below 10% (differential reaction condition) in
order to minimize temperature and concentration gradients. A 10 – 50 mg sample of the
catalyst was reduced in situ at 280oC (2oC/min) under 30 cc/min of H2 (National
Specialty Gases, Zero Grade) for 12 h. After that, 30 cc/min of He (National Specialty
Gases, UHP) was used to purge the catalyst for 15 min prior to reaction at 280oC and a
constant pressure of 1.8 atm. The total flow rate of the reaction mixture was kept constant
at 60 cc/min (STP) and contained 5 cc/min of 95% CO + 5% Ar (National Specialty
Gases), 10 cc/min of H2 and the balance of He to obtain a H2:CO ratio of 2:1. The
reaction line and sampling valves were maintained at 200oC with heating tapes to avoid
condensation of higher hydrocarbon products. The effluent samples were analyzed using
a Varian 3700 GC equipped with a AT-Q 30m x 0.53 mm Heliflex capillary column with
a flame ionization detector (FID) for hydrocarbon detection and with a Carbosphere
80/100 6’x1/8”x0.085” SS packed column with a thermal conductivity detector (TCD)
for CO and CO2 detection. All experiments were reproducible within a maximum error of
± 5%.

Steady State Isotopic Transient Kinetic Analysis (SSITKA)
During SSITKA measurement, a switch between 95%
Specialty Gases) and

12

CO + 5% Ar (National

13

CO (Isotec, 99%) was made by using a Valco 2-position valve

with an electric actuator without disturbing any other reaction conditions (i.e., the total
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flow rate and reaction pressure of these 2 feed streams were kept identical during the
switch). The gas-phase holdup for the reaction system was measured by the presence of a
small amount of Ar in the unlabelled

12

CO stream. The reaction was carried out at the

same conditions as stated above but with a H2:CO ratio of 20:1 in order to obtain CH4 as
the primary product (i.e., the total flow rate of reaction mixture was 1.5 cc/min of 95%
CO + 5% Ar, 30 cc/min of H2 and 28.5 cc/min of He). The effluent gas was analyzed
online by GC and a Balzers-Pfeiffer Prisma 200 amu quadrupole mass spectrometer
(Pfeiffer Vacuum) via a 1/16 inch capillary tube with differential pumping. The gas inletline to the MS was heated to 120oC in order to avoid the deposition of heavy hydrocarbon
products and was designed as short as possible to minimize gas phase holdup in the
system. The MS was equipped with a high-speed data-acquisition system interfaced to a
personal computer using Balzers Quadstar 422 v 6.0 software (Balzers Instruments).
Surface kinetic parameters, including the average surface residence time of CH4 and of
CO (τCH4 and τCO) and the surface concentrations of CHx (leading to CH4) and of CO
(NCH4 and NCO), were determined from the isotopic transients using SSITKA data
analysis software [19, 20].
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RESULTS AND DISCUSSION
Catalyst Characterization
BET surface area
BET surface areas of various Fe catalysts are shown in Table 9.1. Addition of Mn
appeared to increase the BET surface area of the Fe catalysts (as has been previously
shown [21]). Promotion with larger amounts of K, on the other hand, decreased the BET
surface area of the Fe catalysts, regardless of Mn promotion. An influence of K on the
loss of surface area has also been reported elsewhere [3, 11]. Dry [3] has suggested that
strong bases like K can lower the surface area of Fe catalyst by increasing the Fe
crystallite size. In the present case, K was added to the Fe and FeMn catalysts after
precipitation. In these catalysts, the impact of K promotion on the surface area was not
significant due to the presence of the SiO2 structural promoter, which induces a large
initial BET surface area.

XRD
The signals in the XRD patterns (see Appendix C) for the fresh calcined catalysts
were very broad suggesting that all of the oxide phases of Fe, Mn, K or Cu were XRD
amorphous or contained only crystallites of small size.
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Table 9.1 Results from BET, TPR and CO-Chemisorption for the various Fe-based
catalysts.

H2-TPR
Catalyst a

BET S.A.
(m2/g)

CO-Chemisorption

b

Peak
temperature b
(oC)

%Fe
Reducibility c

Total CO
chemisorbed d
(µmol/g)

%Fe
Dispersion e

100Fe

329

220

35

119

2.7

100Fe1.5K

351

228

34

72

1.6

100Fe2.5K

337

227

35

91

2.0

100Fe4K

298

237

31

118

2.6

100Fe9K

289

259

27

73

1.6

FeMn

381

278

32

141

3.2

FeMn2.5K

370

273

31

96

2.2

FeMn4K

356

273

33

108

2.4

FeMn6.5K

322

280

32

128

2.9

FeMn9K

305

283

27

66

1.5

a

All catalysts also contained 5Cu and 17Si.
Max error = ± 5%.
c
%Fe reduced in 1st TPR peak. Equivalent to %Fe reduced during standard reduction.
Max error = ± 5%.
d
Determined by extrapolating the total chemisorption isotherm to zero pressure.
Max error ± 5%. Most measurements were repeated.
e
Based on total CO chemisorbed, CO/Fes = 0.5, %Dispersion = 2 x total CO
chemisorbed / total number of Fe atoms. Max error ± 7%.
b
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SEM and EDX
Morphologies of the fresh calcined 100Fe, 100Fe4K, FeMn and FeMn4K
catalysts observed using SEM are shown in Figures 9.1 (a), (b), (c) and (d), respectively.
No difference in particle morphologies among the catalysts with different concentrations
of K promotion was found. However, it appears that the average granule size of FeMn
(10-60 µm) and FeMnK (15-60 µm) was smaller than that of 100Fe (20 – 70 µm) and
100Fe4K (40-100 µm). Based on the XRD results, it is apparent that the catalyst granules
as seen by SEM would have been composed of thousands of very small Fe oxide
crystallites bound together by the SiO2 structural promoter, known to prevent the
sintering of Fe2O3 crystallites [3]. In addition, EDX mapping, as shown in Figure 9.2 for
100Fe4K, revealed that the elements were well distributed on the granule surfaces of the
catalysts without any obvious segregation.
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(a)

(c)

(b)

(d)

Figure 9.1 SEM micrographs of calcined (a)100Fe, (b) 100Fe4K, (c) FeMn and (d)
FeMn4K
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Figure 9.2 EDX mapping of the surface of a calcined 100Fe4K particle.
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Temperature-Programmed Reduction (TPR)
The reduction behaviors of Fe catalysts as determined using H2-TPR are shown in
Figures 9.3 (a) and (b) for 100FeK and FeMnK, respectively. Based on the similar TPR
profile for all the Fe catalysts to that of pure Fe2O3 powder (reference), it can be inferred
that Fe2O3 was the primary Fe phase of the fresh calcined catalysts, but was reduced at
lower temperatures due to Cu promotion [1, 22].
All Fe catalysts showed 2 distinct peaks at temperatures of 215-280oC and 600oC,
which has been assigned to the reduction of Fe2O3 → Fe3O4 and Fe3O4 → Fe,
respectively [23, 24]. Previous study [8] has shown that the first reduction step given by
the first reduction peak at around 215-280oC was obtained when the temperature was
held at 280oC for 12 h (the standard reduction procedure prior to reaction). However, as
the catalysts exhibited initial activity after the standard reduction, it seems likely that
some reduction of Fe2O3 to Fe metal or FeO must also have occurred during the standard
reduction procedure and, consequently, during the first reduction peak. Reporting
%reducibility of Fe based on the entire typical TPR profile (ramping temperature from
room temperature up to 800oC) would greatly overestimate the degree of reducibility of
the catalysts used in the reaction studies. In addition, since the catalysts prepared in this
study contained multiple metal oxides that could be also reduced, determination of the
absolute %Fe reducibility for this complex catalyst system would be difficult. Thus, %Fe
reducibility reported in Table 9.1 was calculated based only upon the first TPR peak and
the assumption that the reduction of Fe2O3 → Fe occurs without including any reduction
of CuO or MnO.
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Figure 9.3 TPR profiles of the fresh calcined (a) K-promoted 100Fe catalysts and (b) Kpromoted FeMn catalysts

A significant delay in the first reduction peak temperature was observed for FeMn
compared to the base 100Fe catalyst that could have been due to the ability of MnO to
stabilize Fe2+ [16, 26, 27] and/or the difficulty of Fe cations to migrate to the surface of
the catalyst in the presence of Mn3O4 [26]. Adding K at low concentrations to 100Fe and
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FeMn had little impact, if any, on the first reduction peak temperature (Figure 9.3) or
%Fe reducibility (Table 9.1). However, higher loadings of K appeared to decrease
slightly reducibility of Fe and a slight shift in the first TPR peak to higher temperature.
Rankin and Bartholomew [25] have suggested that the interaction of Fe oxide and K
oxide could cause a delay in the reduction of Fe due to the adsorption of H2 being
suppressed.

CO-Chemisorption
Total amounts of CO chemisorbed and %Fe dispersion are shown in Table 9.1.
The impact of K addition on the total amounts of CO chemisorbed and consequently,
%Fe dispersion for the 100Fe and FeMn catalysts was not obvious. However, it appears
that K promotion of Fe and FeMn catalysts did not improve the dispersion of Fe within
experimental error. K species may have covered some surface Fe atoms resulting in lower
total CO chemisorbed.

Catalyst Activities
Fischer-Tropsch Synthesis
A previous study [8] had shown that there are no heat or mass transfer limitations
for these catalysts under the reaction conditions used here. The activities of 100Fe and
FeMn catalysts with K promotion are shown in Figures 9.4 and 9.5, respectively. The
activity of 100Fe for hydrocarbon production was significantly promoted during the
induction period by the addition of K in varying degrees depending upon K content
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[Figure 9.4 (a)]. The optimum performance was achieved for the catalyst with 1.5 at% K
(relative to Fe) considering both maximum activity and TOS activity. Higher loadings of
K resulted in lower activity maxima and more deactivation, especially for 100Fe9K. On
the other hand, the activity of Fe catalysts for the WGS reaction increased monotonically
with increasing K content [Figure 9.4 (b)]. The steady-state formation rate of CO2 for
100FeK was at least twice as great as that observed for the benchmark 100Fe catalyst.
The activities of the K-promoted FeMn catalysts for CO hydrogenation and WGS
reaction are shown in Figures 9.5 (a) and (b), respectively. The addition of Mn to the Fe
catalyst significantly enhanced the activities for both CO hydrogenation and the WGS
reaction. The TOS activity of FeMn was observed to be reasonable stable and was almost
2 times higher than that of 100Fe at 6 h TOS. The promotion of the FeMn catalyst with K
resulted in catalyst with even greater activity. The initial formation rate of hydrocarbon
products of the K-promoted FeMn was at least 3 times higher than that of the unpromoted
Fe catalyst (100Fe) and showed almost no induction period of reaction. The initial
activity of Fe catalysts for the WGS reaction, as shown in Figure 9.5 (b), was
considerably improved by the presence of Mn and K. FeMnK exhibited no induction
period for the WGS reaction. The activity of FeMnK for CO2 formation was at least 4
times higher than that of the benchmark catalyst (100Fe). These results are in line with
the improvement in the WGS activity of Fe catalysts upon K addition previously seen
[11, 12].
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Figure 9.4 Formation rates of (a) total hydrocarbons (C1-C8) and (b) CO2 production for
the K-promoted Fe catalysts.
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Figure 9.5 Formation rates of (a) total hydrocarbons (C1-C8) and (b) CO2 production for
the K-promoted FeMn catalysts.
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The different behaviors of Fe catalysts regarding induction periods for CO
hydrogenation and for the WGS reaction suggest the presence of different types of active
sites/Fe phases. It has been strongly suggested that Fe3O4 is the active Fe phase for the
WGS reaction [28] while Fe carbides are the active phase for FTS [29-31]. The existence
of an induction period for FTS may be due to a need to convert α-Fe to Fe carbides [30].
An enhancement in the carburization rate of Fe with the addition of K or Mn, as has been
suggested [9, 10, 32], could explain the higher initial activity observed upon the addition
of K or Mn.
Maximum and steady state catalyst activities with relative K loading are plotted in
Figures 9.6 (a) and (b) for the Fe-based catalysts without and with Mn addition,
respectively. Both the maximum and steady-state activities of 100Fe for CO2 formation
increased with increasing K content while the activities of 100Fe for CO hydrogenation
went through a maximum for K promotion at 1.5 at% (relative to Fe) [Figure 9.6 (a)].
The formation of CO2 and hydrocarbon products for both at maximum and steady-state
rate of FeMn also increased with increasing K content, but the optimum activities were
achieved at 6.5 at% K (relative to Fe + Mn). The activities of the FeMn catalysts
declined with additional K promotion [Figure 9.6 (b)].
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Figure 9.6 Comparisons of the total hydrocarbon (C1-C8) and CO2 production with %K
loading for (a) 100Fe and (b) FeMn catalysts.
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The amount of CO2 produced at the maximum activity for most of the catalysts
was significantly higher than that of the total hydrocarbon products. If one looks at the
CO hydrogenation reaction and the WGS reaction shown in Equations 9.1 and 9.2,
respectively, and assumes that every H2O molecule produced undergoes the WGS
reaction, the resulting amount of CO2 should have been equal to the number of moles of
carbon contained in the hydrocarbon products.

CO hydrogenation:

CO

+

2H2

→

-CH2-

+

H2O

(9.1)

WGS reaction:

CO

+

H2O

→

CO2

+

H2

(9.2)

→

CO2

+

C

(9.3)

Boudouard reaction:

2CO

As this was not the case, the excess amount of CO2 detected during the initial stage of
reaction must have been formed via the Boudouard reaction. Based on Equation 9.3, per
every excess mole of CO2 formed (greater than amount of carbon in hydrocarbons), 1
mole of carbon is deposited on the catalyst in the form of Fe carbides and/or inactive
carbon.
One can estimate the impact of K promotion on the Boudouard activity of Fe
catalyst by determining the area between the CO2 and the total hydrocarbon formation
rate curves (Figures 9.4 and 9.5, respectively). The calculated values for the amount for
carbon deposition via the Boudouard reaction are shown in Table 9.2 as well as the total
amount of carbon deposition obtained via elemental analysis by Galbraith. Table 9.2
clearly shows that the amount of carbon deposition (based on the amount estimated via
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the Boudouard reaction and the amount determined by elemental analysis) increased with
increasing K content, regardless of whether the Fe catalysts were promoted by Mn or not.
Total carbon deposited, as determined by elemental analysis, can be in the form of
Fe carbides and/or coke. In this case, if all of the Fe formed χ-Fe2C5 (as has been
suggested to be the major Fe active carbide phase for FTS [30]), the amount of inactive
carbon in the form of coke can be estimated (reported in Table 9.2). It can be seen that
the amount of coke formation also increased with increasing K content for both 100Fe
and FeMn catalysts. Adding K in higher concentrations significantly promoted the
activity of the Fe catalysts for the Boudouard reaction and coke formation. The 100Fe9K
catalyst showed the highest amount of inactive carbon (coke) deposited more than
FeMn9K (at relatively the same K content). This is the likely reason for the greater
catalyst deactivation seen for 100Fe9K [see Figure 9.4 (a)].
A summary of reaction rates, %hydrocarbon selectivities on a carbon basis,
%light C2-C4 olefin fractions and chain growth probabilities (α) of the various Fe
catalysts is shown in Table 9.3. %CH4 selectivity significantly decreased while
%selectivities for C5-C8 hydrocarbons increased with increasing amount of K added (no
hydrocarbons > C8 were produced in significant concentrations to be detectable by GC
under differential reaction conditions). %Light olefin (C2-C4) formation and α also
increased with increasing K content. %Light olefin (C2-C4) selectivity was nearly 100%
of that fraction, while α increased up to 0.63, as expected [3].
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Table 9.2 The impact of K promotion on carbon content of the various Fe catalysts after
6 h TOS of reaction.

Amount of carbon (mmol/gcat)
Catalyst a

From
In form of bulk
Boudouard Total C depositionc
Fe2C5 d
b
reaction
(Measured)
(Calculated)
(Calculated)

Inactive
carbon
(Coke) e
(Calculated)

100Fe f

0

4.25

3.73

0.52

100Fe1.5K

0.01

n/a

3.81

n/a

100Fe2.5K

1.10

5.87

3.81

2.06

100Fe4K

1.70

6.47

3.97

2.51

100Fe9K

8.97

8.93

3.97

4.95

FeMn

0

3.74

3.04

0.70

FeMn2.5K

1.32

5.41

3.25

2.16

FeMn4K

2.61

n/a

3.25

n/a

FeMn6.5K

2.70

6.06

2.93

3.13

FeMn9K

6.49

7.31

2.93

4.38

a

All catalysts also contained 5Cu and 17Si.
Determined by the excess amount of CO2 produced from mass balance analysis between
CO2 formation rate and total hydrocarbon product rate curves over 6 h TOS.
Max error ± 7%.
c
Carbon content after 6 h TOS analyzed by Galbraith Lab. Max error ± 6%.
d
Determined based upon all of Fe forming Fe2C5. The catalysts were prepared (K
impregnation) from the same batch of base catalysts (100Fe or FeMn) resulting in
identical amount of C for Fe2C5. Max error ± 8%.
e
Determined from (total C deposition) – (C in bulk Fe2C5).
Max error ± 10%.
f
Initial carbon content of the fresh calcined 100Fe catalyst < 0.1% (analyzed by
Galbraith Lab.). Max error ± 5% of total.
b
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Table 9.3 Catalyst activities and selectivities for the Fe-based catalysts.

Catalyst b
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Maximum rate c
(µmol of C/g/s)
CO2

total
HC

100Fe

0.50

100Fe1.5K

SS rate c, d
(µmol of C/g/s)

% Hydrocarbon Selectivity at SS c, d

α c, d
(>C3)

CO2

total
HC

C1

C2

C3

C4

C5-C8

0.78

0.13

0.43

26

29

26

13

5

74

0.35

1.49

1.49

0.25

0.50

23

27

23

20

7

91

0.35

100Fe2.5K

1.86

1.46

0.3

0.43

24

30

24

13

10

93

0.46

100Fe4K

2.01

1.17

0.48

0.44

19

25

22

16

17

95

0.57

100Fe9K

2.59

0.86

0.68

0.37

11

22

22

18

27

96

0.61

FeMn

1.27

1.78

0.35

0.77

34

26

22

16

2

83

0.27

FeMn2.5K

3.36

2.78

0.74

0.85

27

27

25

13

8

93

0.45

FeMn4K

3.98

3.14

0.91

1.07

24

24

22

20

10

94

0.52

FeMn6.5K

3.72

3.30

1.09

1.11

22

25

20

15

18

97

0.62

FeMn9K

3.37

2.62

0.96

0.81

18

21

21

18

21

100

0.63

Reaction conditions: 280oC, 1.8 atm, PH2 = 0.3 atm, PCO = 0.15 atm.
All catalysts also contained 5Cu and 17Si.
c
Max error = ± 5%.
d
At steady-state rate (5 h TOS) and based on atomic carbon.
b

%Olefins
in C2-C4
fraction
(C basis) c,
d

The influence of K level on the activities, %light olefin (C2-C4) selectivity, and
chain growth probabilities (α) of the Fe catalysts may be explained by a competition
between CO and H2 adsorption on the catalytic Fe sites. At relatively low K contents, the
concentration of adsorbed H atoms is greater and chain termination via hydrogenation is
more favored, which results in less olefins, shorter chain hydrocarbons and, thus, lower
α. On the other hand, as K content increases; dissociative CO adsorption is significantly
enhanced, resulting in higher concentration of -CH2- species while the adsorption of H2 is
more hindered. Thus, the hydrogenation rate decreases, which results in higher α and
olefin selectivity but eventually lower activity (hydrocarbon formation). A drop in FTS
reaction rate for hydrocarbon products as added K exceeds an optimum level has been
previously reported [1, 3, 11-13].

SSITKA (Steady State Isotopic Transient Kinetic Analysis)
SSITKA was carried out for 100Fe, 100Fe1.5K, 100Fe2.5K, FeMn and FeMn4K
to investigate the impact of K addition to precipitated Fe or to Mn-promoted Fe catalysts
on the surface reaction kinetic parameters such as the intrinsic site activity and the
concentration of active surface intermediates. Although FeMn6.5K exhibited the highest
CO hydrogenation activity, FeMn4K was chosen instead of FeMn6.5K since FeMn4K
showed less Boudouard reaction with a similar CO hydrogenation activity. SSITKA was
performed at a H2:CO ratio of 20:1 in order to obtain CH4 as the primary product to
minimize the fragmentation of isotopically labeled higher hydrocarbon molecules in the
mass spectrometer (MS) that can make data interpretation difficult. Detailed calculation

- 212 -

procedures for the surface residence time (τ) and the concentration of active surface
intermediates (N) can be found elsewhere [19, 20, 33].
The TOS activities of the catalysts for total hydrocarbon and CH4 formation under
methanation conditions are shown in Figures 9.7 and 9.8, respectively. The formation
rates of total hydrocarbon products and CH4 for the FeMn catalysts were almost two
times those found for the benchmark 100Fe catalyst. The addition of K to 100Fe
enhanced the catalyst activity. However, 100Fe1.5K and 100Fe2.5K appeared to
deactivate more significantly than 100Fe. A positive impact of K on the activity of the
FeMn catalyst was also observed. The formation rates of total hydrocarbon products and
CH4 for FeMn4K were almost twofold those found for FeMn. However, the K-promoted
FeMn did not exhibit significant deactivation showing greater catalyst stability than
100Fe1.5K or 100Fe2.5K.
The average surface residence times of the intermediates leading to CH4 (τCH4)
were determined using SSITKA for all the catalysts. A measure of the site TOF for CH4
(TOFITK) can be calculated from τCH4 (TOFITK = 1/τCH4). Values of TOFITK for the
catalysts with TOS are shown in Figure 9.9. TOFITK values increased initially with TOS
and remained constant after 30 min of reaction. The intrinsic site activities for all the Fe
catalysts were similar within experimental error. This implies that the average site
activity was identical for all catalysts despite the presence of Mn and/or K. The increase
in the value of TOFITK during the initial 30 min TOS was probably due to changes in the
nature of the active sites from more Fe0 like to more Fe carbide like species.
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Figure 9.7 Formation rates of total hydrocarbon products during SSITKA on the various
Fe-based catalysts.
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Figure 9.8 Formation rates of CH4 during SSITKA on the various Fe-based catalysts.
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Figure 9.9 TOFITK (1/τCH4 from SSITKA) for the various Fe-based catalysts

Changes in the concentration of active surface intermediates leading to CH4
(NCH4) as the reaction proceeded are shown in Figure 9.10. The enhanced activity caused
by the addition of Mn and/or K was primarily due to an increase in NCH4. NCH4 for
FeMn4K was almost 3 times higher than that for the base 100Fe catalyst. Although
100Fe1.5K and 100Fe2.5K exhibited higher NCH4 values initially than that of 100Fe,
these NCH4 values decreased considerably with TOS. This suggests that significant
declines in the activities of the 100Fe1.5K and 100Fe2.5K catalysts were due to a
decrease in the concentration of active surface intermediates leading to CH4 which was
probably due to carbon deposition on the active sites. The surface concentrations during
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reaction of reversibly adsorbed CO (NCO) (i.e., CO that adsorbed and desorbed with
reacting) are shown in Figure 9.11. NCO for 100Fe increased with the addition of Mn and
was significantly enhanced by K promotion. The adsorption of CO was clearly affected
by the presence of K [14, 15]. Reversible adsorption of CO during reaction was not
greatly affected by FTS deactivation with TOS.
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Figure 9.10 The concentration of active surface intermediates of CH4 (NCH4) vs. TOS for
the various Fe-based catalysts.
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Figure 9.11 The concentration of reversibly adsorbed CO (NCO) vs. TOS on the various
Fe-based catalysts.

CONCLUSIONS
The activity of precipitated FeCuSiO2 catalysts was improved by the addition of
Mn for both CO hydrogenation and the WGS reaction. Adding Mn increased %Fe
dispersion, but did not have significant impact on the BET surface area, %Fe reducibility,
%hydrocarbon selectivity or the chain growth probability (α). K promotion of Fe
catalysts with or without added Mn enhanced the catalyst activity for both reactions in
varying degrees dependent upon on the K concentration. The improvement in activity of
Fe catalysts for CO hydrogenation was a function of K content. Adding K at relatively
low concentrations promoted the activity of the catalysts, while the activity of catalyst
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declined with the addition of excess K due to an increased amount of carbon deposition
via the Boudouard reaction. Chain growth probability (α) was enhanced as expected with
the presence of K, regardless of Mn addition. The reaction site activities of the catalysts
(1/τCH4 = TOFITK) as determined using SSITKA were similar, regardless of %loading of
K content or Mn addition. On the other hand, the addition of Mn and/or K increased the
concentration of active surface intermediates leading to product, which appeared to be a
primary cause for the high catalytic activity observed in the K-promoted Fe and FeMn
catalysts.
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CHAPTER TEN
CHAIN GROWTH INVESTIGATION USING SSITKA ON K-PROMOTED FE
AND FEMN FISCHER-TROPSCH SYNTHESIS CATALYSTS

Although FTS is a simple reaction between CO and H2, its reaction mechanism is
not straightforward since it involves a large number of species for the formation of a
variety of products. In this study, steady-state isotopic transient kinetic analysis
(SSITKA) was utilized to estimate the average surface residence times leading to CO2
and various hydrocarbon products in order to investigate chain growth and chain
termination for hydrocarbon products on K-promoted Fe catalysts with and without Mn
addition. The addition of K to Fe and FeMn catalysts promoted the catalytic activity of Fe
but did not have significant impact on the dispersion of Fe and its reducibility. Promoting
Fe catalyst with K and Mn did not significantly affect the chain growth or chain
termination steps during methanation. Instead, an increase in the concentration of active
surface intermediates leading to hydrocarbon products was the primary cause for
improved catalyst activity. Chain termination was relatively faster than chain growth for
K-promoted Fe catalysts, regardless of Mn addition, as the average surface residence time
of methane, ethane, ethylene, propane and propylene showed. However, no absolute
conclusion was reached for chain propagation under these conditions.
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INTRODUCTION
The increasing current price of crude oil due to the shrinkage of reserves has
brought a great deal of attention to the use of coal and biomass as feedstock for the
production of synthetic liquid fuels via Fischer-Tropsch synthesis (FTS) technology. For
FTS, Fe-based catalysts are preferred over Co-based catalysts due to their high water-gas
shift (WGS) activity and their low cost. However, the addition of various promoters to Fe
FTS catalysts is essential in order to improve the Fe catalyst activity. Cu (a reduction
promoter), K (an activity promoter) and SiO2 (a structural promoter) are typically present
in commercial-grade Fe catalysts for FTS [1, 2]. Other transition metals, such as Cr, Mn,
and Zr, have been also found to increase the activity of Fe FTS catalysts [3, 4].
In order to develop better Fe-based FTS catalysts, understanding the reaction
mechanism for hydrocarbon formation is of great importance. Based on the diversity of
products found during FTS, several different reaction mechanisms have been proposed.
The most accepted among them are mechanisms using surface carbide intermediates [5].
In general, in these mechanisms, CO and H2 initially dissociate on the catalyst surface
followed by –C– (carbide species) hydrogenation to form methylene (CH2) species,
which undergo chain propagation by -CH2- monomer insertion [1, 5, 6]. This type of
mechanism, however, cannot account for the formation of oxygenated compounds. For
the latter, chain growth via CO insertion has been alternatively proposed to yield CHxO
species, not CHx species, as probable intermediates [1, 7, 8].
Although a number of studies have focused on describing the reaction mechanism
for FTS via kinetic models and rate equations [9, 10], the effort to determine the surface
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residence times for various hydrocarbon products, key to understanding the reaction
mechanism at the site level, has not been reported, to the best of authors’ knowledge. In
this study for the first time, steady-state isotopic transient kinetic analysis (SSITKA) was
utilized to estimate the average surface residence times leading to CO2 and hydrocarbon
products larger than CH4 as to develop a better understanding of how K affects chain
growth and chain termination on FeCuSiO2 and FeMnCuSiO2 catalysts.
Since fragmentation and overlapping among isotopically labeled heavy
hydrocarbon molecules makes direct isotopic analysis by mass spectroscopy (MS)
difficult, longer chain hydrocarbons than CH4 are thus converted to CH4 prior to MS
analysis with the use of Pt/Al2O3. As the GC column used in this study can only separate
CO, CO2 and C1-C3 hydrocarbons, SSITKA was carried out under methanation
conditions in order to bind the hydrocarbon products to the measurable range. Although
an investigation of the impact of K promotion on the activity of Fe catalysts under
methanation may not completely represent the behavior of catalysts during FTS, it
provides important information on the kinetic nature of sites on Fe catalysts. The Mnpromoted Fe catalyst having a formulation of 80Fe/20Mn/5Cu/17SiO2 was chosen due to
its highest catalyst activity and stability, as observed in previous work [3]. Various
catalyst characterizations and the TOS activities for the Fe catalysts studied here are also
presented.
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EXPERIMENTAL
Catalyst preparation
Catalysts

formulation

of

100Fe/5Cu/17Si,

100Fe/5Cu/17Si/4K

and

80Fe/20Mn/5Cu/17Si and 80Fe/20Mn/5Cu/17Si/4K (atomic% relative to Fe and Fe +
Mn, respectively) were prepared by a pH precipitation method [11]. Detailed catalyst
preparations have been described elsewhere [12]. Briefly, Fe(NO3)3·9H2O, CuN2O6·3H2O
and Si(OC2H5)4 for unpromoted and with Mn(NO3)2 for Mn-promoted Fe catalysts was
mixed and precipitated with NH4OH. The precipitate was washed, dried and calcined at
300°C for 5 h. KHCO3 was impregnated to incipient wetness for K-promoted Fe catalysts
before calcination. The prepared catalysts are designated as 100Fe, 100FeK, FeMn, and
FeMnK for unpromoted Fe, K-promoted Fe, Mn-promoted Fe and K-promoted FeMn
catalysts, respectively.

Catalyst Characterization
The BET surface areas of catalysts were analyzed by N2 physisorption using a
Micromeritics ASAP 2020 automated system. A 0.3 g sample was degassed at 100°C for
1 h and then the temperature was increased to 300°C and held for 2 h prior to N2
physisorption at 77 K. The reducibility of Fe was determined by TPR using an Altamira
AMI-1 system. A sample of 0.1 g was reduced in 30cc/min of 5% H2 in Ar. The TPR
temperature was ramped from 35 to 800oC (2oC/min) and a cold trap was placed to trap
H2O produced during reduction process. The number of active surface metal atoms CO
chemisorption was determined using a Micromeritics ASAP 2010 automated system. 0.1
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g of the calcined catalyst was first evacuated to 10−6 mmHg at 100oC for 30 min. The
catalyst was reduced under flowing H2 at 280oC for 12 h and was then evacuated at
280oC for 60 min. The analysis was carried out at 35oC. An average CO:Fes
stoichiometry of 1:2 was assumed [13].

Catalytic Activities
Catalytic measurements were carried out in a quartz micro-reactor (i.d. = 8 mm).
The reaction conversion was kept below 10% in order to minimize temperature and
concentration gradients. The reaction was performed under methanation condition due to
the fragmentation and overlapping among isotopically labeled hydrocarbon molecules
(i.e., ethane, ethylene, propane, and propylene, etc.) during mass spectrometry (MS)
analysis for SSITKA. A 50-100 mg sample of the catalyst was reduced in situ at 280oC
(2oC/min) under 30 cc/min of H2 (National Specialty Gases, Zero Grade) for 12 h. After
that, 30 cc/min of He (National Specialty Gases, UHP) was used to purge the catalyst for
15 min prior to reaction at 280oC and a constant pressure of 1.8 atm. The total flow rate
of the reaction mixture was kept constant at 60 cc/min (STP) and contained 1 cc/min of
95% CO + 5% Ar (National Specialty Gases), 20 cc/min of H2 and the balance of He to
obtain a H2:CO ratio of 20:1. All experiments were reproducible within a maximum error
of ± 5%.
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Steady State Isotopic Transient Kinetic Analysis (SSITKA)
The system setup for SSITKA is shown in Figure 10.1. During SSITKA
measurements, a switch between 95% 12CO + 5% Ar and 13CO (Isotec, 99%) was made
by using a Valco 2-position valve with an electric actuator without disturbing any other
reaction conditions. The gas-phase holdup for the reaction system was measured by the
presence of a small trace of Ar in the unlabelled

12

CO stream. Since fragmentation and

overlapping among isotopically labeled heavy hydrocarbon molecules makes direct MS
isotopic analysis difficult, longer than CH4 chain hydrocarbons are converted to CH4 prior
to MS analysis. In this sense, instead of tracing the transient response directly and
continually by MS, a 34-port VICI auto-sampling valve was used to collect 16 effluent
samples during the 1-min-period for isotopic transients after the switch. The collected
effluent samples were injected into and separated by a GC equipped with a Carbosphere
80/100 6’x1/8”x0.085” SS packed column with a TCD for product analysis in order not
to destroy them. Twenty-five cc/min of 8.5% H2/He was used as the carrier gas in the GC
column and as a source of H2 for a hydrogenolysis unit containing 5 g of 5% Pt on Al2O3
held at 400oC. After GC separation, the separated effluent was fed into a hydrogenolysis
unit in which CO, CO2, ethane, ethylene, propane, and propylene were converted to CH4.
The product CH4 was subsequently injected into the MS for analysis. Surface kinetic
parameters, such as the average surface residence time (τ) of CO, CO2 and hydrocarbon
products, and the active surface concentrations (N) of CO, CO2, and hydrocarbon
products, were determined from the isotopic transients using SSITKA data analysis
software [14, 15].
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Figure 10.1 The reaction system set up for SSITKA.
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RESULTS AND DISCUSSION
Catalyst Characterization
Catalyst characteristics as determined using BET surface area, H2 TPR and CO
chemisorption are shown in Table 10.1. The BET surface areas of all the Fe catalysts
were high in the range of 298-381 m2/g compared to a typical precipitated Fe catalyst
with no SiO2 present [16] and appeared to increase with the addition of Mn. However,
promoting 100Fe and FeMn catalysts with K decreased the BET surface area. It has been
suggested that Fe crystallite sizes can be enlarged by a strong base like K resulting in low
BET surface area [1]. In this case, since the Fe catalysts contained a structural promoter,
SiO2 (a surface area promoter), the impact of adding K on the BET surface area was not
very significant.
Table 10.1 also shows %Fe reducibility of the various Fe-based catalysts. Adding
K to 100Fe and FeMn did not show significant impact on the %Fe reducibility. For
instance, all catalysts showed relatively the same values ranging from 31-35%. FeMn
exhibited higher amounts of CO chemisorbed and %Fe dispersion than the benchmark
100Fe catalyst. %Fe dispersion for 100Fe did not significantly change upon the addition
of K. However, the addition of K to FeMn lowered the total CO chemisorbed and
dispersion of Fe. For instance, the %Fe dispersion of FeMnK was only 2.4% while it was
3.2% when no K was present. Likely, surface blockage by K species resulted in lower Fe0
surface exposed on FeMnK than in FeMn.
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Table 10.1 Catalyst characteristics for the various Fe-based catalysts.

H2-TPR
Catalyst a

BET S.A.
(m2/g)

100Fe

CO-Chemisorption

b

Fe Reducibility c
(%)

Total CO
chemisorbed d
(µmol/g)

Fe Dispersion e
(%)

329

35

119

2.7

100FeK

298

31

118

2.6

FeMn

381

32

141

3.2

FeMnK

356

33

108

2.4

a

All catalysts also contained 5Cu and 17Si.
Max error = ± 5%.
c
%Fe reducibility equivalent to %Fe reduced during standard reduction.
Calculated based upon Fe2O3 → Fe without including any reduction of CuO or MnO.
Max error = ± 5%.
d
Determined by extrapolating the total chemisorption isotherm to zero pressure.
Max error ± 5%.
e
Based on total CO chemisorbed (CO/Fes = 0.5);
%Dispersion = 2 x total CO chemisorbed / total number of Fe atoms. Max error ± 7%.
b

SSITKA (Steady State Isotopic Transient Kinetic Analysis)
Catalytic Activities
Figure 10.2 shows catalyst activity for methanation. The formation rates of CH4
for the FeMn catalyst were almost 2 times higher than that for the unpromoted 100Fe
catalyst. K promotion of 100Fe enhanced the catalytic activity for methanation, but also
caused more rapid deactivation. The addition of K to FeMn considerably increased the
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CH4 formation (at least 2 times higher than that of 100Fe and FeMn). High catalyst
stability was also observed for FeMnK. %CH4 selectivity for the 4 Fe catalysts is shown
in Figure 10.3. The selectivity to CH4 was shown to be relatively constant with TOS at
about 52-61% for all the Fe catalysts with the exception of 100FeK showing lower %CH4
selectivity after 2 h TOS.

100Fe
100FeK
FeMn
FeMnK

3.5
3.0

(µmol/g/s)

Formation Rate of CH4

4.0

2.5
2.0
1.5
1.0
0.5
0.0
0

60

120

180

240

300

360

TOS (min)
Figure 10.2 The formation rate of CH4 for 100Fe, 100FeK, FeMn and FeMnK.
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Figure 10.3 %CH4 selectivity for 100Fe, 100FeK, FeMn and FeMnK.

Impact of K on Surface Kinetic Parameters
To gain in-depth information of how K influences the activity of 100Fe and FeMn
catalysts at a site level, SSITKA was performed and the surface kinetic parameters for Kpromoted 100Fe and FeMn catalysts were estimated (Table 10.2). Description of SSIKA
parameters and detailed calculation for the average surface residence time (τ) and the
concentration of active surface intermediates (N) can be found elsewhere [14, 15]. Table
10.2 shows that the intrinsic site activity (TOFITK = 1/τCH4) as determined using SSITKA
was in the range of 0.12-0.14 s-1 for all the Fe catalysts, suggesting that the site activity
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was relatively similar and constant during the 4 h reaction (from 60 to 300 min TOS),
within experimental error. The addition of K did not have an impact on the average site
activity of catalysts showing an identical site activity, regardless of whether the Fe
catalysts were promoted by Mn or not.

Table 10.2 Surface kinetic parameters during methanation for various Fe catalysts.

Catalyst

100Fe

100FeK

FeMn

FeMnK

a

TOS
(min)

Rate CH4 b
(µmol/g/s)

TOFITKd
(s-1)

NCH4e
(µmol/g)

NCO e
(µmol/g)

60

1.27

0.14

9

12

300

0.88

0.14

6

13

60

1.63

0.13

12

29

300

0.88

0.12

8

31

60

1.91

0.12

17

17

300

1.59

0.13

12

19

60

3.15

0.13

24

68

300

2.62

0.13

20

69

a

All catalysts also contained 5Cu and 17Si.
Based on atomic carbon. Max error = ± 3%.
c
The average surface residence time. Max error = ± 5%.
d
TOFi = 1/τi. Max error = ± 5%.
e
The number of active surface intermediate, Ni = Ratei x τi. Max error = ± 10%.
b
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Changes in the concentration of active surface intermediates leading to CH4
(NCH4) appeared to be the main cause for the difference in the catalytic activities of 100Fe
and FeMn with and without K promotion. NCH4 increased in the order 100Fe < 100FeK <
FeMn < FeMnK. Promoting 100Fe catalyst with Mn clearly increased NCH4 (i.e., NCH4 for
FeMn was 12 µmol/g while NCH4 for 100Fe was only 6 µmol/g at 300 min TOS). The
addition of K to the 100Fe catalyst only slightly enhanced NCH4 while it significantly
promoted NCH4 for FeMn. NCH4, however, appeared to decrease with TOS for all
catalysts, regardless of K and/or Mn promotion suggesting that the loss in NCH4 is the
cause of catalyst deactivation. Table 10.2 shows the surface concentrations of reversibly
adsorbed CO (NCO). FeMn exhibited slightly higher NCO than 100Fe while NCO for
100FeK was at least 2 times higher than for 100Fe. An increase in NCO was more
significant for the K-promoted FeMn catalysts (6 times higher than that for 100Fe).
Although in this study, SSITKA was carried out under methanation conditions,
surface kinetic parameters related to the formation of larger hydrocarbon products than
CH4 were also determined. The impact of K promotion on surface kinetic parameters for
CO2 and various hydrocarbon products at 2 h TOS is shown in Table 10.3. SSITKA was
performed on FeMnK since this catalyst showed the highest catalyst activity. Results
were compared to those obtained for the benchmark 100Fe catalyst. Table 10.3 shows
that the average surface residence times for CO2, CH4, ethane, and propane formation for
both 100Fe and FeMnK catalysts were in the same order of magnitude, within
experimental error.

This suggests that, likewise methanation, promoting 100Fe and

FeMn with K did not affect the intrinsic site activity of Fe for CO2, CH4, ethane, and
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propane. This way, an increase in the number of active surface intermediates leading to
those products was the cause of the enhanced catalyst activity observed for FeMnK.

Mechanistic Assessment
The average surface residence times (τ) for CO2 and various hydrocarbons could
provide information with respect to the catalyst-surface mechanism. A schematic of the
reaction pathway for the formation of CO2, CH4, and other hydrocarbon products is
shown in Figure 10.4, where * denotes a vacant catalytic site. Since no oxygenated
compounds were detected under the conditions applied, the insertion of CH2* monomers
is used for growing hydrocarbon chain and H2O is formed via the reaction of O* and
adsorbed H2* [1, 5, 6].

Most adsorbed C* should have been hydrogenated by

molecularly chemisorbed H2 to form CH2* rather than by dissociative H* to form CH* or
CH3* due to the lower amount of branched-hydrocarbons formed (only isobutane).
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Table 10.3 The effect of Mn and K promotion on surface kinetic parameters for CO2 and various hydrocarbon products at 2 h
TOS.

100Fea

- 236 a

Product

Rateb
(µmol of
C/g/s)

%HC
Selectivity c

CO2

0.15

CH4

FeMnKa

τ (s)

TOFITKe
(s-1)

Nf
(µmol of
C/g)

Rateb
(µmol of
C/g/s)

%HC
Selectivityc

τ (s)

TOFITKe
(s-1)

Nf
(µmol of
C/g)

-

3.3

0.30

0.5

1.71

-

3.1

0.32

5.3

1.13

58

6.4

0.16

7.2

3.04

57

6.6

0.15

20

Ethylene

0.02

1

n/a

n/a

n/a

0.32

6

8.0

0.13

2.6

Ethane

0.34

18

7.5

0.13

2.5

0.39

8

8.5

0.12

3.4

Propylene

0.06

3

n/a

n/a

n/a

0.54

10

9.3

0.11

5.0

Propane

0.20

11

9.0

0.11

1.8

0.14

4

10.2

0.10

1.4

d

d

All catalysts also contained 5Cu and 17Si.
Max error = ± 3%.
c
Based on atomic carbon. Other products were 2% butene, 5% n-butane, and 2% n-pentane for 100Fe while 0.5% isobutane,
9% butene, 2.5% n-butane and 3% n-pentane for FeMnK.
d
The average surface residence time. Max error = ± 5%.
e
TOFi = 1/τi. Max error = ± 5%.
f
The number of active surface intermediate, Ni = Ratei x τi. Max error = ± 8%.
n/a
The conversion was below detectability limit of MS.
b
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Figure 10.4 A schematic of the reaction pathway for the formation of CO2, CH4 and
longer chain hydrocarbon products.
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a. CO2 Formation
Comparison of τCO2 and τCH4 showed that τCO2 was lower than τCH4, which simply
means that the overall mean surface residence time of all the adsorbed surface
intermediates leading to CO2 was less than that of those leading to CH4 [17]. We
postulate that the reaction pathway for CO2 formation requires fewer steps than those
necessary for CH4 formation. Thus, direct CO oxidation rather than a pathway involving
the formation of formate (HCOO*) species is preferred [1, 5]. As shown in the proposed
mechanistic network, CO2 could be formed via the reaction of chemisorbed O* atoms
formed in the CO dissociation step with adsorbed CO* (Steps 1, 2, and A). Adsorbed C*
species are hydrogenated to CH2, which can be further hydrogenated to CH4 and then
desorbed (Steps 3 and B).
b. Hydrocarbon Formation
As shown in Table 10.4, the average surface residence times of hydrocarbon
products increased with increasing the number of carbon in the respective molecule (i.e.,
τ CH4 < τ C2H6 < τ C3H8). Likewise, unsaturated hydrocarbons showed lower residence
times than saturated ones with the same number of carbon atoms (i.e., τ C2H4 < τ C2H6 and
τ C3H6 < τ C3H8), as expected. However, the difference between τ olefin and τ paraffin (i.e.,
ethylene to ethane or propylene to propane) was smaller than that for the series CH4 ethane – propane, suggesting that hydrogenation takes place faster than chain growth
(i.e., Steps D and F faster than Steps 4 and 5). The estimated time required for chain
termination as hydrogenation, chain initiation, and chain propagation is shown in Table
10.4.
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Table 10.4 Estimated residence time for hydrogenation, chain initiation, and chain propagation on 100Fe and FeMnK.

SSITKA results a

Process

Chain termination
by hydrogenation
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Chain initiation

τ C2H6 - τ C2H4 and τ C3H8 - τ C3H6
τCH4 = step 1, 2, 3, B = 6.4 (100Fe) or 6.6 (FeMnK)
τCO2 = step 1, 2, A = 3.3 (100Fe) or 3.1 (FeMnK)

Maximum residence time b
(estimated)

Reaction
pathway c
(Step)

100Fe

FeMnK

n/a

< 0.9 ± 0.1

D or F

< 2.2 ± 0.1

< 2.6 ± 0.2

3 and A

< 1.5 ± 0.1

< 1.8 ± 0.1

4 or 5

where step B < 0.9 ± 0.1

Chain propagation
a

τ C2H6 - τ CH4 and τ C3H8 - τ C2H6

Refer to Table 10.3.
See text for explanation.
c
Refer to pathway shown in Figure 10.4.
b

The difference between τ CH4 and τ C2H4 or τ C2H6 and τ C3H8 could be related to the
average surface residence time required for the insertion of a methylene group (CH2-)
(Steps 4 and 5) in accordance with the chain growth mechanism on Fe-based catalysts
[1]. Then, the estimated residence time for the chain propagation step is ca. 1.5 and 1.8 s
for 100Fe and FeMnK, respectively (Table 10.4). These values were significantly lower
than the average surface residence time for CH4 formation (τ CH4). On the other hand, a
comparison of τCO2 and τCH4 would be useful in order to eliminate undetermined steps.
According to the reaction pathway shown in Figure 10.4, the formation of CO2 and CH4
require Steps 1, 2, A and 1, 2, 3, B, respectively. Eliminating steps 1 and 2, the residence
time for the chain termination (Step B) was estimated to be ca. 1 s. Likewise, the
residence time required for Steps 3 and A was less than ca. 2.6 s. Since no specific
information about Step A can be obtained, no conclusions about the chain initiation (Step
3) are possible. However, it has been suggested by the study of Mims and McCandlish
[18] that chain growth rate taking place on a precipitated Fe catalyst containing Cu, SiO2
and K is faster than the rate of formation of CH monomers.
Tables 10.3 and 10.4 show that the residence times for chain termination and
chain growth steps were not significantly different for Fe catalysts with and without K
and Mn promotion. However, as this study was carried out under methanation conditions,
the impact of K on chain growth and chain termination may have been minimized. A
SSITKA study under low H2:CO ratios would be required in order to draw more
definitive conclusions in this regard.
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CONCLUSION
K-promotion of Fe and FeMn catalysts containing Cu and SiO2 increased their
activity during methanation. K-promotion appeared to decrease BET surface areas while
no significant change was observed in the number of surface-exposed Fe0 and Fe
reducibility. The addition of K on Fe and FeMn catalysts did not significantly affect the
intrinsic site activity of catalysts, as determined by SSITKA, but rather increased the
number of active surface intermediates leading to hydrocarbon products. By determining
the average surface residence time of to various hydrocarbon products, the residence
times for chain growth and chain termination steps were estimated. It was found that
chain termination was relatively faster than chain growth, which was unaffected by the
type of Fe catalyst (with or without promoters) during methanation. However, no definite
conclusions for chain propagation could be reached due to the reaction condition regime
used.
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CHATPER ELEVEN
SUMMARY AND RECOMMENDATIONS

SUMMARY
This present research consists of two main heterogeneous catalysis, acid catalyzed
hydrocarbon reaction and metal catalyzed hydrocarbon synthesis. Sulfated zirconia (SZ)
catalyzed n-butane isomerization and bulk Fe catalysts for Fischer-Tropsch synthesis
(FTS) were chosen in this study due to their importance for fuel quality enhancement and
the production of liquid transportation fuels, respectively. In order to understand the
formation and the nature of the active catalytic reaction sites of these two types of
catalysts, different types of molecular probe or promoter were added into the reaction and
to catalysts and changes in the catalyst activity, selectivity and the nature of those sites at
the site level were investigated.
The first part of this research presents the impact of various olefins besides
butene, a suggested reaction intermediate, on the activity of SZ. The addition of olefins
(ethylene, propylene, and 1-pentene) both continuously and during the first 2 min of
reaction increased the activity of SZ at 100oC and modified (shortened) the induction
periods. However, the selectivity of isobutane with olefin addition decreased with TOS,
olefin concentration and size of added olefin (i.e., the isobutane selectivity decreased in
the order of ethylene > propylene > butene > pentene).
Based on the results from the use of added non-specific olefins as molecular
probes, a comprehensive reaction mechanism was proposed. The proposed reaction
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mechanism involves the concept of a bimolecular pathway with the underlying
characteristics of a monomolecular pathway by using “olefin-modified sites” rather than
purely Bronsted or Lewis acid sites as the main centers of reaction. Such sites are formed
from any type of olefin and are able to enhance reaction rate by forming additional active
sites. This mechanistic approach follows the previously hypothesized bimolecular route
with the formation of a Cn+ oligomer (i.e., C6+ C7+, C8+ and C9+) via olefin coupling. But
the oligomer will undergo a skeletal rearrangement through protonated cyclopropane
states resulting in high selectively isobutane formation. This proposed mechanism can
account for most of the major facts observed in n-butane isomerization, i.e., isotopic
scrambling, non-specific olefin rate enhancement, high isobutane selectivity, and catalyst
deactivation, thereby helping to explain the seeming contradictory evidence from
numerous credible research groups.
A better understanding of how various olefins influence the activity of SZ at the
site level was developed by utilizing SSITKA. A promoting effect of added olefins on
the catalytic activity of SZ at 100oC was found to be primarily due to an increase in the
number of active surface intermediates leading to isobutane (N*isoC4). Also, the
concentration of N*isoC4 was able to increase with TOS after the flow of added olefin was
terminated. This reinforces a suggestion that olefin-modified sites last multiple reaction
cycles and thus, give rise to a long-lasting impact. Adding olefin did not affect the nature
of active sites showing the same intrinsic site activity (TOFITK), regardless of whether
active sites are activated by added olefin or by butene produced during the reaction
conditions. However, adding butene was able to lower the value of τ*isoC4 at the very
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beginning of induction period, suggesting that the formation of butene and an
accumulation of surface intermediates are essential for this reaction.
The second part of this dissertation was to focus on developing a highly active
and stable bulk Fe FTS catalyst containing Cu and SiO2. Various transition metals such
as Cr, Mn, Mo, Ta, V, W, and Zr were added to bulk FeCuSiO2 via co-precipitation
method. The addition of Cr, Mn, Mo, Ta, V and Zr improved the catalyst activity for FTS
and %Fe dispersion but did not significantly affect the BET surface area, %Fe
reducibility, or %hydrocarbon selectivity. Cr, Mn and Zr was the best able to enhance the
activity of Fe catalysts for both CO hydrogenation and the water-gas-shift (WGS)
reaction at 280oC. The optimum concentration of Cr, Mn and Zr on the activity of Fe
catalyst was also obtained in this study. Among the three metals, Mn-promoted Fe
catalyst exhibited the most stable activity towards the production of hydrocarbons and the
highest catalyst activity overall.
Since K is usually present in a commercialized Fe FTS catalyst, the impact of K
on the activity of Fe and Mn-promoted Fe catalyst was also studied. The activities for CO
hydrogenation and the WGS reaction of both Fe and Mn-promoted Fe catalysts were
enhanced in varying degrees depending upon the level of added K. The addition of K to
Fe and Mn-promoted Fe catalysts clearly promoted the Boudouard reaction as well. An
in-depth investigation of how Cr, Mn, Zr and K influence the surface kinetic parameters
of the Fe catalysts was performed using SSITKA at 280oC under methanation condition.
It was found that the intrinsic site activities determined using SSITKA of all the Fe
catalysts were observed to be essentially similar, regardless of type of added metal or K
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promotion. Rather, the higher catalyst activities observed for the Cr, Mn, and Zrpromoted Fe catalysts with and without K promotion were found to be primarily the
result of an increase in the number of active surface intermediates leading to CH4 and, by
inference, a greater number of active sites. Although CH4 does not represent all of the FT
products, understanding the reaction activity of catalyst for CH4 formation can be used to
predict the kinetic nature of the Fe active sites for other FT products since they are
formed via the same CHx monomer.

SIGNIFICANCE
The results from this study provide a significant insight into the nature of both
acid and metal catalysts for its respective n-butane isomerization and Fischer-Tropsch
synthesis (FTS). With the use of different types of added olefin as a molecular probe, a
better understanding of the reaction mechanism for n-butane isomerization and the nature
of active sites developed during the induction period on the sulfated zirconia (SZ)
catalyst was perceived. This understanding could lead to a better design of catalyst for
alkane isomerization.
This research work also demonstrates the possibility of using Cr, Mn and Zrpromoted Fe as catalysts for FTS under low H2/CO ratio syngas derived from coal or
biomass to high value liquid fuels due to their excellent activities and stabilities for the
hydrocarbon formation and the water-gas-shift (WGS) reaction. Highly active Fe FTS
catalysts developed in this study could in part lead to competitive cost of synthetic fuels
for the replacement of petroleum-based fuels.
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RECOMMENDATIONS
n-Butane Isomerization on Sulfated Zirconia (SZ)
The study of n-butane isomerization on SZ with the addition of olefin has led to a
number of interesting ideas.
1. This research work has proposed that not only a C8+ oligomer as suggested in a
bimolecular pathway, but also C6+, C7+ and C9+ from the formation of C2=, C3=
and C5= with the n-butane reactant can give rise to the isobutane product. In order
to confirm this hypothesis, a reaction of cracking branched C6, C7, C8 and C9
olefins on SZ at 100oC would be useful.
2. Various studies have been shown that SZ is also active for n-pentane and nhexane isomerization. However, the reaction mechanism for these two reactions is
still unclear, although a monomolecular pathway is suggested to play a critical
role. The addition of olefin into these two reactions would be interesting
experiment in order to investigate if olefin could also modify SZ sites for the
isomerization of n-pentane and n-hexane or not.
3. The addition of isobutene did not have significant impact on the activity of
catalysts which could have been due to a steric hindrance. Therefore, it would be
interesting to add isopentane into the reaction in order to test the idea that
branched olefin is not the right configuration for olefin-modified site.
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Fe-Based Fischer-Tropsch Synthesis
Although the impact of Cr, Mn, Zr (shown to be the best able to promote the
activity of Fe) and K promotion on the surface kinetic properties (at the site level) of Fe
FTS catalysts was studied, only the surface kinetic parameters during methanation was
obtained due to a limitation of MS. Since CH4 does not represent all of FT products, a
study using SSITKA to determine the surface kinetic parameters during FTS would be
very useful in order to gain more information of how these promoters would affect the
reaction activity and the number of active intermediates leading to other hydrocarbon
products.
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APPENDIX A
COPYRIGHT PERMISSIONS

Figure A.1 Permission for using Figure 2.1
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APPENDIX B
STEADY STATE ISOTOPIC TRANSIENT KINETIC ANALYSIS (SSITKA)
Vent

Back Pressure
Regulator
Pressure transducer

Isotope R*

Isotope R + Inert
Valco 2-position valve
(Switching Valve)

Pressure
Transducer

Reactor
Back Pressure
Regulator

GC
Vent

34-Port
Sampling valve

Hydrogenolysis

MS

Vent
Vacuum Pump

Figure B.1 A reaction system for SSITKA study involving large hydrocarbon molecules.
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n-Butane isomerization is one of the reactions that requires additional approach in
order to minimize possible fragmentation and overlapping of different species from nbutane, isobutane, propane, pentane etc. as analyzed directly by MS during SSITKA.
GC separation and hydrogenolysis unit are required to separate effluent samples and
convert them to CH4, respectively. The process during n-butane isomerization is shown in
Figure B.2.

Reaction (Isotopic Switch)

34-port Valve (16 samples)

GC Separation (TCD)

Hydrogenolysis Unit

Mass Spectrometer

SSITKA Software

Peak Integration
(transient point)

Figure B.2 SSITKA process during n-butane isomerization

- 253 -

APPENDIX C
XRD PROFILES OF SZ AND FE-BASED CATALYSTS
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Figure C.1 XRD spectra of freshly calcined SZ at 600oC for 2 h.
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70

80

Figure C.2 XRD spectra of freshly calcined Fe-based catalysts with third metal
promotion.

Figure C.3 XRD spectra of freshly calcined Fe-based catalysts with Cr, Mn and Zr
promotion at high content.
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Figure C.4 XRD spectra of freshly calcined Fe-based catalysts with K promotion.
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APPENDIX D
SELECTIVITY PLOT
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Figure D.1 %Unidentified product (possible cyclobutane) selectivity as a function of
TOS and olefin/paraffin ratio.
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Figure D.2 %2-Pentene selectivity as a function of TOS and olefin/paraffin ratio.
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Figure D.3 %CH4 selectivity during methanation.
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APPENDIX E
AVERAGE SURFACE RESIDENCE TIME OF ISOBUTANE AND N-BUTANE
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Figure E.1 The impact of reversible isobutane readsorption on

isoC4.
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Figure E.2 Average surface residence time of n-butane.
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APPENDIX F
ACTIVIITES OF W-PROMOTED FE CATALYSTS WITH
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Figure F.1 Activities of FeW for CO hydrogenation using a non-Cl and Cl containing
precursors.
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APPENDIX G
CALCULATION FOR CATALYST PREPARATION

Preparation of 100Fe/5Cu/17SiO2/yK (atomic basis)

Example: 100Fe/5Cu/17SiO2/2.5K
Reagent:

Fe(NO3)3⋅9H2O

Formula weight

=

404

CuN2O6⋅3H2O

Formula weight

=

241.6 g

Si(OC2H5)4

Formula weight

=

208.3 g

KHCO3

Formula weight

=

100

g

g

Based on 0.6 M of Fe in 100 ml solution (60 ml of H2O and 40 ml of propanol), the
composition of the catalyst will be as follows:

Fe(NO3)3⋅9H2O

=

0.6 × 0.1

=

0.06

mol

CuN2O6⋅3H2O

=

0.06 × 5

=

0.003

mol

=

0.0107

mol

=

0.0015

mol

100
Si(OC2H5)4

=

0.06 × 17
100

KHCO3

=

0.06 × 2.5
100

Therefore,
Fe(NO3)3⋅9H2O

=

0.06 × 404
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=

24.24 g

CuN2O6⋅3H2O

=

0.003 × 241.6

=

0.73

g

Si(OC2H5)4

=

0.0107 × 208.3

=

2.28

g

KHCO3

=

0.0015 × 100

=

0.15

g

24.24 g of Fe(NO3)3⋅9H2O and 0.73 g of CuN2O6⋅3H2O was dissolved in 60 ml of
H2O while 2.28 g of Si(OC2H5)4 was dissolved in 40 ml of propanol. Detail in catalyst
preparation can be found in the dissertation chapter. The final catalyst before calcination
was about 6 g. KHCO3 0.15 g was dissolved in 10 ml (1.65 ml/g catalyst). The catalyst
was impregnated to incipient wetness with the KHCO3 solution. Subsequently, the
catalyst was dried in the oven over 4 h. Then the catalyst was calcined in static air at
300°C for 5 h and cooled to room temperature over a 2-h period in a muffle furnace.
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Preparation of (100-x)Fe/xMe/5Cu/17SiO2/yK (atomic basis)

Example: 90Fe/10Cr/5Cu/17SiO2
Reagent:

Cr(NO3)3⋅9H2O

Formula weight

=

100

g

Based on 0.6 M of Fe in 100 ml solution (60 ml of H2O and 40 ml of propanol), the
composition of the catalyst will be as follows:

Fe(NO3)3⋅9H2O

=

0.6 × 0.1

=

0.06

CuN2O6⋅3H2O

=

0.06 × 5

=

0.0033 mol

=

0.0113 mol

=

0.0067 mol

mol

90
Si(OC2H5)4

=

0.06 × 17
90

Cr(NO3)3⋅9H2O

=

0.06 × 10
90

Therefore,
Fe(NO3)3⋅9H2O

=

0.06 × 404

=

24.24 g

CuN2O6⋅3H2O

=

0.0033 × 241.6

=

0.81

g

Si(OC2H5)4

=

0.0113 × 208.3

=

2.41

g

Cr(NO3)3⋅9H2O

=

0.0067 × 100

=

0.67

g
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24.24 g of Fe(NO3)3⋅9H2O, 0.67 g of Cr(NO3)3⋅9H2O and 0.81 g of CuN2O6⋅3H2O
was dissolved in 60 ml of H2O while 2.41 g of Si(OC2H5)4 was dissolved in 40 ml of
propanol. Detail in catalyst preparation can be found in the dissertation chapter.

Table G.1 Solubility of third metal precursors

Metal

Metal Precursor

Solubility in H2O

Remark

Fe

Fe(NO3)3

Completed

-

Cu

CuN2O6

Completed

-

Si

Si(OC2H5)4

No

Propanol

Cr

Cr(NO3)3

Completed

-

Mo

MoO3

Slightly soluble

-

W

WCl6

No

Propanol

Zr

ZrO(NO3)2

Completed

Required stir and heat

Mn

Mn(NO3)2

Completed

-

V

V(C5H7O2)3

No

Propanol

Ta

Ta(OC2H5)5

No

Quickly add into propanol

K

KHCO3

Completed

-
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APPENDIX H
CALCULATION FOR REDUCIBILITY

Calculation of the calibration of H2 consumption using Ag2O

Molecular weight of Ag2O

=

(107.9×2) + 16

=

231.8

The weight of Ag2O used

=

0.1 g

=

0.1/231.8

=

4.31×10-4

mole

From equation of Ag2O reduction;
Ag2O +

H2 consumption

=

H2

Ag2O

Integral area of Ag2O after reduction

→

2Ag

+

H2O

=

4.31×10-4

=

1312

(H.1)

mole

unit

Thus, the amount of H2 consumed at 100% reducibility is 4.31×10-4 mole which related to
the integral area of Ag2O after reduction 1312 unit.

Calculation of reducibility of bulk Fe catalyst
Assumptions:
1. The major Fe phase of bulk Fe-FTS catalysts after calcination is Fe3O3 (based on
similar TPR profile with a pure Fe3O3 powder).
2. Only Fe is reduced (due to very small concentration of Cu and third metal present
in the catalyst).
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3. Fe3O3 is rapidly reduced to Fe0 (due to Cu promoter).
4. %Fe reducibility is calculated for only the first TPR reduction peak (only the first
TPR reduction peak was obtained during standard reduction conditions).

Molecular weight of Fe

=

55.8

Integral area of the calcined Fe catalyst

=

X

unit

The amount of H2 consumption

=

4.31×10-4×(X)/1312

mole

2Fe

+

The weight of calcined catalyst used

=

0.1

g

Concentration of Fe (by ICP-OES)

=

Y

wt%

Mole of Fe in catalyst

=

(0.1×Y)/(100×55.8)

mole

Mole of H2 consumed due to Fe2O3

=

3/2 × Mole of Fe

Reducibility (%) of Fe due to Fe2O3

=

4.31×10-4 × (X) × 100

Fe2O3 +

3H2

→

3H2O

1312 × Mole of H2 consumed
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(H.2)

APPENDIX I
CALCULATION FOR TOTAL CO CHEMISORPTION AND DISPERSION

Total amount of CO chemisorption was determined by extrapolating the total
chemisorption isotherm to zero pressure as shown in Figure H.1.
Volume of CO adsorbed

=

A

cm3 STP/g catalyst

Ideal gas

=

22400

cm3 STP/mol

Mol of CO adsorbed

=

A × 22400 × 106

mol/g

Calculation for Fe dispersion was based on a stoichiometry of CO/Fes = 0.5
Molecular weight of Fe

=

55.8

Concentration of Fe (by ICP-OES)

=

Y

wt%

Mole of Fe in catalyst

=

Y/(100×55.8)

mole/g

Fe dispersion (%)

=

2× total amount CO chemisorbed ×100
# of mole Fetot

=

2× A × 22400 × 100
Y/(100×55.8)
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Figure I.1 CO chemisorption isotherm plot of third metal-promoted Fe catalysts.

8
6
4
2
0

0

100

200

300

400

500

600

700

800

Pressure (mm Hg)

Figure I.2 CO chemisorption isotherm plot of Cr-, Mn- and Zr-promoted Fe catalysts at
various %loading.
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Figure I.3 CO chemisorption isotherm plot of K-promoted Fe and FeMn catalysts at
various %loading.
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